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Abstract —Rates of mass transfer from the liquid phase to small ion exchange resin particles
(0.78 mm in mean diameter) in fluidized and spouted beds were studied experimentally. Dilute
aqueous solution of sodium hydroxide was fed into the beds of strong cation exchange resin and
the exit concentration of the solution was determined by conductivity measurement. In spouted
beds, the initial conversion and K; increased with bed height, but decreased with fluid flowrate.
The model, applying material balance of the reactant and axisymmetric flow of fluid in the annulus
of a spouted bed, predictions of the initial conversion in spouted beds are satisfactory. In fluidized
beds, the obtained mass transfer coefficients were correlated and compared with other works.

INTRODUCTION

Fluid-particle mass transfer in fixed beds, fluidized
beds and bubble columns has been studied exten-
sively since it is important for the design and develop-
ment of such fluid-particle contactors [1-5]. In most
of these works, the obtained experimental data have
been correlated in terms of dimensionless groups [1].
For the liquid-particle systems, the mass transfer rate
has been measured for the dissolution of solid parti-
cles, adsorption and ion exchange.

Several types of ion exchangers such as bubble col-
umns, fluidized beds and packed beds have been wide-
ly used in chemical and biochemical processes [3].
For the design of such exchangers, the basic informa-
tion for the flow and fluid-particle mass transfer is
required. Jon exchange operations are not always easy
with packed bed exchangers because of the possible
blockage of resins and channeling in the bed. The
types of beds with mobile resins can eliminate these
problems and lead to increase in an ion exchange effi-
ciency.

Dwivedi and Upadhay [ 1] proposed generalized cor-
relations for the fluid-particle mass transfer coeffi-
cient for fixed and fluidized beds. Based on the analy-
sis of various experimental data, they concluded that
the Chilton-Colburn J,; factor is inversely proportional
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to the bed voidage. Recently, Prakash et al. [5] report-
ed that the Dwivedi-Upadhay correlation can be adapt-
ed to gas-liquid-solid three phase systems and propos-
ed a new correlation.

Hadzismajlovic et al. [3] studied mass transfer in
a spout-fluid bed. The authors proposed a model for
calculating the initial conversion and obtained an em-
pirical correlation for the overall mass transfer coeffi-
cient, and suggested that the fluid-spouted bed will
be useful for treating solutions contaminated with sus-
pended solid particles which would lower the specific
capacities of fixed bed ion exchangers.

In this work, the mass transfer rate of Na“ ion from
aqueous solution of NaOH to resin particles was meas-
ured in fluidized and spouted beds. The mass trans-
fer coefficients obtained were correlated and ™ com-
pared with earlier works. In spouted beds, the experi-
mental data were used to verify the model.

EXPERIMENTAL

Fig. 1 shows a schematic diagram of experimental
setup. The beds used for the experiment were made
of transparent acrylic resin and 60 mm in inside diam-
eter. The fluidized bed has a lower section, 150 mm
in height, which is packed with 0.71 mm glass parti-
cles. The spouted bed has a flat base and a jet inlet
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Fig. 1. Schematic diagram of experimental setup; A: reac-
tant tank, B: pump, C: flowmeter, D: spouted bed,
E: fluidized bed, F: piezometer tube plate, G: elec-
tric conductivity meter.

5 mm in inside diameter. The spout diameter and fluid
streamline were measured at the flat wall of a half-
cylindrical spouted bed of the same size. The ion ex-
change resin, Amberlyst-15, was sieved in swollen
state on standard sieves and the fluid temperature
was kept at 231 0.5TC.

For the spouting experiment, a measured quantity
of resin, 0.78 mm in mean diameter, was placed in
the bed and distilled water was used as a spouting
medium. The bed pressure drop, annulus height, jet
penetration and spout fountain height are shown in
Fig.2 as a function of flowrate. The bed is shallow
enough for the jet to penetrate it. With increasing fluid
flowrate the jet begins to penetrate the bed, and as
the flowrate is increased, penetration continues rapid-
ly with decreasing bed pressure drop until the jet
reaches the top of the bed at point the A’. On decreas-
ing flowrate from above the minimum spouting, the
jet ceases to penetrate the top of the bed at point
the A. This flowrate, seen in Fig. 2, is defined as the
minimum spouting flowrate, U,,, AP,. is the measured
pressure drop, P.{O)— P(H), along the axis of the sym-
metry in the minimum spouting condition.

Above a certain bed height, the jet does not pene-
trate to the top of the bed regardless cf the flowrate,
because the bed expands faster than the jet can pene-
trate it [6]. The criterion for determining H,, and
(Undsim for these beds are formulated by observing
the change in the shape of the jet with decreasing
flowrate. As the fluid velocity is lowered from above
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Fig. 2. Bed pressure drop, annulus height, jet penetration
and spout fountain height as a function of fluid
flowrate; ----: increasing flowrate, —: decreasing
flowrate.

Table 1. Experimentally measured minimum spouting prop-
erties; D,=60 mm, d;=5 mm, p,=1300 kg/m’

Hmm) U, (mm/s) d.(mm) AP, (Pa) AP, (Pa)
35 054 75 215 724
50 0.76 8.0 37.2 a8.8
65 0.90 86 65.6 135.0
80 1.04 94 84.1 165.3
98 1.28 105 104.7 1956
120 142 117 139.9 229.8
140 150 127 1712 264.1
165* 158 135 1985 204.4

*. H,,

(Umodum, the jet narrows at the top, finally assuming
a flame tip shape. (U, )u. is the highest fluid velocity
for which the flame tip-shape jet is visible. The height
of the spout to the tip of the flame shape jet at (U,.)un
is denoted H,. (AP,Ju» is spout pressure drop at
(U, in the bed of height, H,.

The fluid streakline and residence time were meas-
ured by using a dye tracer technique. Methylene blue
solution, 1% by weight, was injected into the annulus,
the streakline was photographed and the residence
time along the streamline was measured. The spout
diameter listed in Table 1 is the mean value.

For the mass transfer experiment, aqueous solution
of sodium hydroxide, 0.06 mol/L, was pumped through
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the beds of ion exchange resin, metered by a set of
rotameters. The effluent concentration of the solution
was determined by conductivity measurement (Solu-
tion Analyzer, Cole-Parmer Instrument, Model: 5800-
05). Experiments were performed varying the amount
of resin in the bed and fluid flowrate.

MASS TRANSFER COEFFICIENT AND
HYDRODYNAMIC MODEL

The overall mass transfer coefficient was calculated
from Eq. (1).

C—-C*

K.=V/S In g

oY)

where V is volumetric fluid flowrate and S is the sur-
face area of ion exchange resin in the bed.

The material balance in a spouted bed, proposed
by Mathur and Lim [7], was applied for the reactant.
The schematic is shown in Fig. 3.

In the spout, the material balance of the reactant
gives

UALC=[UA+dUA)I(C+dCy

+ nd,dzU,C, + K;.dS.C, 2)
.1 dUA)
where U,= . dz 3
e "
d,

Substituting Egs. (3) and (4) into Eq. (2), we obtain

dC,
dz

0,95 Len-e) K. S =0 )
d,
where U,, C; and ¢ are the fluid velocity, reactant
concentration and voidage in the spout, respectively.
In the annulus, the material balance of the reactant
gives

U.A.C,+nU,ddzC, = K..dS,C.

+[UA, +d(UA)J(C,+dC,) ©)
_ 1 dUA) p
where U,= . “a (7)
s,= 6A:(1—¢,) . ®)
dy

Substituting Egs. (7) and (8) into Eq. (6), we obtain
dC, + 1 dUAD
dz A, dz

+ 6(1—84)KL,,CH —
d,

U, C.-C)

0 (9)

| VA

U, +dU.
C.+dC,

B

U, C, —a

1
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Fig. 3. Two-region model of a spouted bed reactor.

where U, A, C, and ¢, are the fluid velocity, cross
sectional area, reactant concentration and voidage in
the annulus, respectively. The boundary conditions for
Egs. (5) and (9) are

2=0, C,=C,=C 10

For the spouting of fine particles with liquid, Darcy’s
law is applicable in the annulus since the fluid inertial
force term in the Ergun equation is less than 10%
of the pressure drop term, so that the basic field equa-
tions and boundary conditions are the same as those
of Lefroy and Davidson [8] except for the spout-an-
nulus interfacial boundary condition. The spout-annu-
lus interfacial boundary condition [Eq. (11)] was ob-
tained experimentally since none of the equation pro-
posed for coarse particles fits our experimental data
well. Based on those data, p (r, z) was represented
in terms of a third degree polynomial:

p(r, 2)=PJ(2)—P(H)=AP(a+by+cy*+dy") (11)

where a, b, ¢ and d are constants. For the axisymmet-
ric motion about the z axis of a cylinder, the stream-
function in the annulus can be expressed as

Korean J. Ch. E.(Vol. 8, No. 2)
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AP, Li(mr)K,(mr,) - [{mr)K(mr)

vl 2= - f ’ Lmr)Ky(mr.) + Li(mr) Ko(mr.)
X 21:‘ % sin(nnz/2H) (12)
20
where C,= — E,;,b.) - ;31 (c+3d) sin(nn/2)
) nrn- nm
.

The details of the development of Eq. (12) can be
found in Kim [9]. The voidage in the annulus, &, was
assumed to be equal to ¢, The voidage in the spout,
g, was calculated from Lefroy and Davidson theory
based on the Ergun friction factor [10].

Egs. (5) and (9) were solved numerically using U,
and U, calculated from Eq. (12) and material balance
of the fluid. Effluent concentration of the reactant was
calculated from Eq. (13):

C.=(VurilCouy + VailCanl/V (13)
The degree of conversion was defined as

X, =1-C/C, (14)

RESULTS AND DISCUSSION

1. Hydrodynamics

Hydrodynamic experiments in fluidized and spout-
ed beds were done with distilled water. U,, and ¢,,
measured in the fluidized bed are 1.3 mm/s and 041,
respectively. The spouted bed properties in a bed of
height equal to or less than H, at minimum spouting
are listed in Table 1. At U=U,. and H=1,, AP.=
0.674AP,. When the bed height is less than or equal
to H,, the bed pressure drop data at U=1,, can be
correlated as

AP, /(AP )u, = 1.13h—0.13 (for h>02)  (15)

with the correlation coefficient of 0.96.

The axial pressure profile in the spout was meas-
ured and correlated by Eq. (16) with the correlation
coefficient of 0.97:

P -~ P(H)

AP =1.00-0.25y — 1.11y*+ 0.36y" (16)

Using the data in Table 1, the axial pressure profile
in the spout and Eq. (12), the fluid velocity in the
annulus was calculated and compared with predictions
from other flow models. Fig. 4 shows the comparison
of the various flow models at H=H,,. In the Grbavcic
et al. [11] and Lefroy and Davidson [8] models, U,
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Fig. 4. Comparison of models predicting average fluid ve-
locity in the annulus at U=U,,; ----: Piccinini et
al.'s model [12], - -: Lefroy and Davidson model
[8]. — ~: Grbavcic et al.’s model [ 11], —: axisym-
metric model (this work).

at H,, is equal to U,. The one dimensional model of
Grbavcic et al. [11] predicts rapid increase in U, in
the lower section of the bed. Piccinini, Grace and Ma-
thur [12] modified Grbavcic et al.’s relationship with
U, at H, which is 0.88 U, The axisymmetric flow
model of this study assuming Darcy flow in the annu-
lus predicts U, at H,, is 0.70 U,, as shown in Fig. 4.
As the bed height is decreased below H,, U, is de-
creased further and U, at H=039 H,, is 0.41 U,

The fluid streamline and velocity calculated from
the axisymmetric flow model, Eq. (12), represent the
measured ones very well for Re<5. However, one di-
mensional flow models predict streamlines which are
practically plug flow and do not represent the experi-
mentally measured fluid streaklines.

The bed voidage variation in the fluidized bed with
fluid velocity was measured. The values calculated
from Richardson and Zaki's correlation [13] were
slightly lower than the experimental values of this
study, however, the correlation predicted our data
reasonably well.

2. Mass Transfer

Experimental breakthrough curves for fluidized and
spouted beds are shown in Fig. 5 as a function of fluid
flowrate. In each of the beds, a known amount of resin
was poured into the column with the static bed of
height 60 mm. As can be seen in Fig. 5, C/C, in the
spouted bed is substantially higher than that in the
fluidized bed at the same fluid flowrate and reaction
time, and the difference becomes larger for higher
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Fig. 5. Breakthrough curves in fluidized and spouted beds;
D.=60 mm, Hy=65 mm, C;=0.06 mol/L..
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Fig. 6. Comparison of K, values in fluidized bed; D.=60
mm, d4,=0.78 mm, C;=0.06 mol/L.

flowrates. This is obviously due to the difference in
the fluid flow pattern between the two beds. In spout-
ed beds, a substantial amount of fluid flows through
the spout where the voidage and fluid velocity are
high. And furthermore, as the fluid flowrate is increas-
ed above the minimum spouting, the portion of the
fluid flowing through the spout is also increased.

The values of K; were calculated from Eq. (1) in
the initial period of the experiment anc the results
in fluidized beds are shown in Fig. 6. The figure shows
that the experimental values of this study are located
in between the calculated ones from Carberry’s [ 14]
and Mixon and Carberry’'s [15] equations.

In Table 2, the experimental values of Sh are given
together with the values calculated from the correla-
tions in the literature [1, 15, 16]. In the calculation of

Table 2. Comparison of correlations for predicting Sh in
fluidized beds; d,=0.78 mm, D=0.00193 mm?/s,
Sc=508.8. ¢ was calculated from Richardson

and Zaki correlation [13]

U, Sh Sh Sh Sh Sh

(mm/s) (expt) (Eq.17) (Eq. 18) (Eq.20) (Eq.21)
14 111 1243 1334 1843 2463 1233
21 167 1352 1435 1991 2436 14.19
28 222 1574 1698 2111 2418 1560
35 278 1680 1835 2205 2406 1696

42 334 1708 1953
56 445 1902 2160
63 500 1910 2250

2279 2392 1805
2416 2377 1996
2472 2371 2079

Sh, the diffusivity coefficient for NaOH in water, D=
0.00193 mm?/s, was taken from Harriot [16].

Mixon and Carberry [15] and Snowdon and Turner
[17] developed Eq. (17) and Eq. (18), respectively.
Although they proposed these

Sh=0.974 Re"ScVe an
Sh:O'8l Re(J..\SCl,'f(E 1 (18)

equations for similar experimental conditions in fluidi-
zed beds, the effect of bed voidage on Sh is very differ-
ent.

Dwivedi and Upadhyay [ 1] proposed a generalized
correlation for mass transfer coefficients in terms of
the Chilton-Colburn mass transfer factor based on the
regression of various liquid-phase data:

£],—1.1068 Re °%* (for Re<10) 19

This equation can be rewritten as

Sh=1.1068 Re"*Sc"¥g ! (for Re<10) (20)

Eq. (20) shows that the effect of Re on Sh is smaller
while that of € on Sh is greater compared to Eq. (17).
In the range of this study, Table 2 shows that Eq. (20)
predicts better as Re decreases, but this equation
gives values which are practically constant and too
high for all Re. Although Dwivedi and Upadhyay [1]
showed that their general correlation could predict
the liquid-phase data in the fixed and fluidized beds
with average deviation of 23.45%, some data they used
for the correlation were different by the factor of al-
most 6 in the extreme case. This shows that there
are uncertainties in the application of the general cor-
relation to a specific experimental condition. Snowdon
and Turner’s correlation, Eq. (18), also does not repre-
sent our data well obviously due to the difference in
the effect of bed voidage.

Although Mixon and Carberry’s correlation, Eq.

Korean J. Ch. E.(Vol. 8, No. 2)
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Fig. 7. Comparison of K, in fluidized and spouted beds;
D.=60 mm, C;=0.06 mol/L.

(17). represents our experimental data relatively well,
substantial improvements can be made by changing
the coefficient in Eq. (17) from 0.974 to 0.90.

Sh=0.90 Re'’Sc¥g 04 (for 1<Re<5) 21)

Eq. (21) correlates our experimental data in Table 2,
with the correlation coefficient of 0.96.

In order to compare K; values in fluidized and
spouted beds, K, is plotted in Fig. 7 as a function of
Re. One can see from the figure that K, in fluidized
beds is always greater than that in spouted beds for
the same fluid velocity and bed height, and the differ-
ences are increased as the bed height and fluid veloc-
ity are increased. The effect of flowrate on K; is also
different between the two beds. In fluidized beds, K.
increases with Re, while it decreases with Re in spout-
ed beds.

Using the axisymmetric flow model assuming Darcy
flow in the annulus and Egs. (5) and (9), the values
of exit concentration in the spout and annulus were
calculated, and then the overall exit concentration was
obtained. As shown in Table 3, the axisymmetric flow
model predicts overall conversion quite well. One di-
mensional flow model of Grbavcic et al. [11], Eq. (22),
was also used to predict the overall conversion. The
fluid velocity calculated from Eq. (22) is

Uu=U, [ 1—(1—h)] (22)

This velocity is substantially higher than that from
the axisymmetric flow model of this study as shown
in Fig. 4. For the same spout inlet fluid flowrate, V,
V. decreases as V, increases. Since C. in spouted
beds is always smaller than Cg, C, calculated from
Eq. (13) based on the one dimensional flow model,
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Table 3. Comparison of experimental and calculated val-
ues of Xe in spouted beds; C;=0.06 mol/L

H(mm) 35 50 65 165
U(mm/s) 0.54 0.76 0.90 158
d{(mm) 7.5 8.0 8.6 13.5
U.n(mm/s) 0.21 0.35 0.49 0.90
€ 0414 0.420 0.422 0.430
& 0.80 0.76 0.74 0.68
K, (mm/s) 0.118 0.117 0.113 0.108
K;.(mm/s) 0.025 0.026 0.030 0.042
C(mol/L) 0.046 0.038 0.030 0.0022
C.s(mol/L) 0.0026 0.0021 0.0014 0.0001
C.(mol/L) 0.0300 0.0218 0.0148 0.0011
X(axi) 0.512 0.634 0.753 0.980
X.(1D) 0.951 0.946 0.957 0.990
X.(exp't) 0.567 0.713 0.795 0.986

To Vent To Vent To Vent

Eq. (22), is much lower than that from the axisymmet-
ric flow model. This is the reason why the degree
of the overall conversion calculated from Eq. (14) bas-
ed on the one dimensional flow model is much higher
than that from the axisymmetric flow model as shown
in Table 3.

CONCLUSIONS

The following conclusions are drawn from the pres-
ent work.

1. The initial conversion and K; in fluidized beds
are always greater than those in spouted beds for the
same fluid velocity, but the differences are decreased
as the bed height is increased.

2. As Re is increased, K, is increased in fluidized
beds while it is decreased in spouted beds.

3. In fluidized beds, the experimental K, values can
be correlated as Sh-=0.9 Re®*Sc’3g % with correlation
coefficient of 0.96.

4. In spouted beds, Mathur and Lim’s material bal-
ance with an axisymmetric flow model predicts the
initial conversion reasonably well.

ACKNOWLEDGEMENT

The authors wish to acknowledge a grant-in-aid for
research from the KOSEF.

NOMENCLATURE

A, (/HDE-d [mm?]
A, D (/)& [mm?*]
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: reactant concentration in the annulus [mol/L]
: inlet concentration of reactant [mol/L]

: effluent concentration of reactant [mol/L]

: equilibrium concentration of reactant [mol/L]
: reactant concentration in the spout [mol/L]
: diffusivity coefficient [mm?/s]

: particle diameter [mm]

: spout diameter [mm]

1500 (1 —e)¥/e¥]lu/d;] [kg/mms]

: bed height [mm]

: H/H, [-]

: maximum spoutable bed height in the condi-

tion of minimum spouting [mm]

: static bed height [mm]
: jet penetration or spout fountain height [ mm]
: modified Bessel function (1st kind, order

zero) [—]

: modified Bessel function (1st kind, order one)

(-]

: mass transfer factor; (K,/U)Sc** [—]
: modified Bessel function (2nd kind, order

zero) [ —]

: modified Bessel function (2nd kind, order

one) [—1]

: mass transfer coefficient [mm/s]

: n/2H [mm 1]

: dynamic fluid pressure in the spout [Pa]

: P(z)—PyH) [Pa]

: distance from the vertical axis of symmetry

of the column [mm]

: column radius [mm]

: spout radius [mm]

: Reynolds number (U d,p/p) [—]

: surface area of ion exchange resin [mm?”]
: Schmidt number (u/pD) [ —]

: Sherwood number (K, d,/D) [—]

: superficial fluid velocity in axial direction

[mm/s]
: fluid flowrate in the bed [mm®/s]
s z/H [-]
: vertical distance from the spout inlet [mm]
: voidage [ —]

: fluid density [kg/m?*]
: particle density [kg/m®]
: stream function [mm®/s]

Subscripts
a : In the annulus
H cat z=H
H, :at H=H,
mf : in the minimum fluidization
ms : in the minimum spouting condition
S : in the spout
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