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AbstractEVA is an important high-performance resin material obtained by the copolymerization of ethylene and
vinyl acetate. In the present study, a comprehensive computational fluid dynamics (CFD) model was established to
study the EVA free radical copolymerization process. The polymerization kinetic model was combined with the CFD
model. The EVA copolymerization reaction mechanism was verified by comparing the simulation results with the
experimental results. Detailed information of the flow field inside the industrial EVA autoclave reactor was obtained.
With the increase of the impeller speed, both the axial and radial flows inside the autoclave reactor were enhanced. The
high impeller speed improved the fluid mixing and the homogeneity of temperature distribution. The increase of the
impeller speed improved the initiator dispersion near the inlets, thereby increasing the efficiency of the initiator. The
influence of operating conditions on monomer conversion and specific initiator consumption per 1% of the monomer
reacted was investigated. The simulation results give deep insight into the free radical copolymerization process inside
the autoclave reactor and supply the guidelines for developing an industrial autoclave reactor.
Keywords: EVA, Free Radical Polymerization, CFD, Autoclave, Operating Conditions

INTRODUCTION

Ethylene-vinyl acetate copolymer (EVA) is obtained by the copo-
lymerization of ethylene monomer and vinyl acetate (VA) mono-
mer. EVA resins, the EVA copolymer with a VA content of 5-40%,
are widely used to modify polyolefin resins, oil additives, wire sheath-
ings, films, and hot melt adhesives [1,2]. The industrial production
of EVA resin adopts a free radical high-pressure copolymerization
process that is derived from the low-density polyethylene (LDPE)
process. Usually, the reaction temperature is controlled at 150-300 oC,
and the reaction pressure is kept at 100-300 MPa. EVA copolymer-
ization is an exothermic reaction. The polymerization heat of eth-
ylene and vinyl acetate is 95 kJ/mol and 145 kJ/mol, respectively [3].
Since the EVA polymerization reaction is carried out under very
high pressure, the reactor wall is usually thick. Compared with the
heat of polymerization, the heat removed from the reactor wall is
small. Thus, the reactor can be considered adiabatic. When the reac-
tion temperature is above 300 oC, ethylene decomposition reac-
tions can be triggered, which will cause the thermal runaway of the
reactor. EVA free radical high-pressure copolymerization is usually
carried out in autoclave and tubular reactors. The height-to-diam-
eter ratio of the autoclave reactor is usually in the range of 5 : 1-
20 : 1. There are multiple feed inlets along the axial direction of the
autoclave reactor [4-7]. The polymerization process is closely related
to the complex flow, temperature, and concentration field distribu-

tion inside the autoclave reactor. Studying the polymerization pro-
cess inside the EVA autoclave reactor has important guiding sig-
nificance for the design of the reactor and the optimization of operat-
ing conditions.

The reaction process is closely related to mixing. If the mixing is
poor, the monomers and initiators will not be well dispersed, which
may cause violent reactions in partial zones [4,7,8]. In addition, the
specific initiator consumption per 1% of the monomer reacted is
closely related to the mixing. In the EVA polymerization reaction,
the initiator is not recyclable, so the specific initiator consumption
per mass of the monomer reacted is an important indicator to evalu-
ate the economic efficiency of EVA industrial production. The indus-
try usually enhances mixing by increasing the impeller speed. The
effects of impeller speed on polymerization stirred reactors have
been reported by several articles [8-10]. Increasing the impeller speed
is often beneficial to improving the homogeneity of the reaction
mixture inside the reactor. However, the influence of impeller speed
on EVA polymerization autoclave reactor is not evident. It is nec-
essary to study the influence of impeller speed on the flow field distri-
bution, temperature field distribution, concentration field distri-
bution, and polymerization process inside the EVA autoclave reac-
tor. In addition to mixing, the inlet temperature and the initiator
concentration also significantly influence the polymerization pro-
cess [11].

Luft et al. [12] investigated the effect of the addition of triethyl-
aluminum on the copolymerization of ethylene and vinyl acetate
initiated by tert-butyl perpivalate (TBPPI). They found an increase
in conversion and a decrease in peroxide consumption after the addi-
tion of triethylaluminum. However, their studies cannot reflect the
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actual operating status of polymerization reactors under industrial
conditions and obtain information of the flow field. To describe the
operating status of industrial polymerization reactors, some free
radical high-pressure copolymerization models of EVA and LDPE
autoclave reactors have been reported [3,7,13-15]. These models
usually assumed that the EVA autoclave reactors were composed of
multiple fully mixed continuous stirred tank reactors (CSTR) con-
nected in series, which cannot reflect the flow field information of
the reactor. Since the reactors have been simplified, these models
are only applicable to specific factory conditions. However, the non-
ideal flow inside the EVA autoclave reactor is closely related to the
reaction process, affecting the distribution of temperature field and
concentration field and significantly impacting the polymerization
rate and monomer conversion. The computational fluid dynamics
(CFD) method can replace time-consuming and expensive experi-
mental operations to obtain detailed flow field information. CFD
simulations of the polymerization reactors have been reported [8-
10,16,17]. By combining the polymerization reaction kinetics model
with the CFD model, information on the distribution of flow field,
temperature field, and concentration field can be obtained. How-
ever, these studies usually focus on the effects of operating condi-
tions on the reaction process and rarely discuss the mixing mode
of the reactor and its effect on polymerization. In addition, these
studies only consider the polymerization of one monomer and do
not consider the copolymerization between different monomers.

This work established a comprehensive model of the EVA auto-
clave reactor. The EVA free radical copolymerization process was
simulated by combining the CFD and polymerization kinetic mod-
els. The effects of impeller speed on flow field distribution were in-
vestigated, and the influence of autoclave reactor mixing mode on
the EVA polymerization process was discussed. The effects of operat-
ing conditions (impeller speed, inlet temperature, and initiator con-
centration) on the EVA polymerization process were studied.

MATHEMATICAL MODEL

1. CFD Model
A three-dimensional steady-state model was used to simulate the

single-phase flow in the EVA autoclave reactor. The continuity,
momentum balance, energy conservation, and species transport
equations are as follows [18,19]:

Continuity equation,

(1)

where  is the density, ui is the velocity components, t is the time,
and xi is the Cartesian coordinate.

As the flow behavior is highly unsteady at high Reynolds num-
bers, the Reynolds-averaged turbulence approximation was adopted
to model such flow configurations. The momentum balance equa-
tion is as follows:

(2)

(3)

where  is the mean velocity components, u'i is the fluctuating
velocity components,  is the mean pressure, ij is the stress tensor,
 is the dynamic viscosity, ij is the Kronecker delta, and ( )
is the Reynolds stress. To correctly account for turbulence, Reyn-
olds stresses are modelled by the realizable k- (RKE) model. Gov-
erning equations for turbulent kinetic energy k and kinetic energy
dissipation rate  are [20]:

(4)

(5)

in which, t is the turbulent viscosity,

(6)

, , , , , =

, , .

Energy conservation equation:

(7)

(8)

where e is the total energy, h is the specific enthalpy, keff is the effec-
tive thermal conductivity, Jm, i is the diffusion flux of component
m, and Sh is the source term.

Species transport equation:

(9)

where Ym and Sm are the mass fraction and reaction source of com-
ponent m.

(10)

where Dm, i is the diffusion coefficient of component m, Sct is the
Schmidt number.

(11)

2. Polymerization Kinetic Model
The high-pressure copolymerization of EVA follows the free radi-

cal polymerization mechanism. In this study, tert-butyl peroxy-2-
ethylhexanoate (TBPO) was used as the initiator, and n-butane was
used as the modifier. In addition, TBPPI initiator was used in the
copolymerization mechanism model verification. The free radicals
generated by the initiator decomposition cannot be consumed entirely
to initiate the polymerization reaction. Some free radicals may
participate in side reactions. Becker et al. [21] investigated the ini-
tiator efficiency f of different initiators, where fTBPO is 0.5-0.7 and
fTBPPI is 0.3-0.5. In this study, fTBPO adopted was 0.7 and fTBPPI adopted
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was 0.35. The elementary reactions considered in this study include
initiator decomposition, initiation, propagation, chain transfer to
monomer, chain transfer to polymer, chain transfer to modifier,
termination by combination, termination by disproportionation,
and -scission of internal radicals [3,17]. To simplify the calcula-
tion of the copolymerization reaction, Xie et al. [22-24] proposed
the pseudo-kinetic rate constant method. The elementary reactions
and the pseudo-kinetic rate constants of the ethylene-VA binary
copolymerization are shown in Table 1.

fi is the mole fraction of monomer i in monomer mixture,

(12)

(13)

i is the mole fraction of radical i, which can be derived from
the assumption of the long chain approximation [25,26],

(14)

(15)

(16)

Fi is the mole fraction of monomer i in polymer [3],

(17)

(18)

where r1, r2 are reactivity ratios.
3. Moment Method

Since the active polymer chain and the dead polymer chain have

an infinite number of chain lengths, the moment method is used
to simplify the differential equations to realize the calculation of
the copolymer chain length distributions [3,7,27].

The zero moment, first moment, and second moment equa-
tions of the active polymer chain are as follows:

(19)

The zero moment, first moment, and second moment equations
of the dead polymer chain are as follows:

(20)

The final moment rate equations are as follows: (the detailed deri-
vation process is given in the Supplemental files):

(21)

(22)

(23)

(24)

(25)

(26)
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Table 1. EVA copolymerization reaction mechanism
Elementary reaction Mechanism Pseudo-kinetic rate constants
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Propagation
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In this study, the Hulburt and Katz approximation [28] was used
to break the dependence of the n order polymer moment equa-
tion on the n+1 order polymer moment equation when consider-
ing the chain transfer to the polymer reaction. In the above equation,
3 can be expressed as:

(27)

CFD SIMULATION

The industrial-scale EVA autoclave reactor is designed based on
a factory’s high-pressure polyethylene process. The process adopts
the mode of double autoclave reactors in series. Each autoclave
reactor has a volume of 0.75 m3 and can produce 60,000 tons of
LDPE per year. In this study, an industrial EVA autoclave reactor
was established with a volume of 0.75 m3, consisting of a cylinder
and two standard elliptical heads. The reactor contains four inlets.
The 45o pitched-blade turbines were used to realize the mixing of
feed. To achieve a good dispersion of the initiator, the impellers
below inlet 2, inlet 3 and inlet 4 were replaced with Rushton im-
pellers. The structures of the reactor and impellers are shown in
Fig. 1(a) and the parameters are shown in Table 2.

The CFD software package STAR-CCM+ was used for simula-
tion. The reactor was divided into the stationary and rotating zones
near the impeller. The overlapping surfaces between the stationary
and rotating zones were set as the interface. Unstructured polyhe-
dral cells and prismatic layer cells were used to discretize the three-
dimensional computing area. To accurately capture the flow details
near the impeller and the interface, the impeller and interface cells
were refined. The unstructured grids of the computational domain
are shown in Fig. 1(b). The grid independence test is shown in
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Fig. 1. (a) Schematic geometry, and (b) Grid geometry of EVA autoclave reactor and impeller.

Table 2. Reactor structure parameters
Reactor structure parameters Value (mm)
Diameter of cylinder 450
Height of cylinder 4,500
The long axis of the standard elliptical head 225
The short axis of the standard elliptical head 1,12.5

Inlet and outlet positions

Inlet 1 4,725
Inlet 2 4,212.5
Inlet 3 2,812.5
Inlet 4 1,412.5
Outlet 112.5

Diameter of inlet and outlet 20
Diameter of shaft 60
Diameter of impeller 430
Thickness of impeller 6
Width of impeller 45

Fig. 2. The monomer conversion and the average velocity of the
reactor axis section are basically stable after the grid number reaches
more than 3 million. Considering the calculation accuracy and time
factors, the final three-dimensional model had 3166905 cells. The
multiple reference frame (MRF) method was used to describe the
rotation of the impeller [29]. The SIMPLE algorithm was used to
solve the pressure-velocity coupling, and the discretization of the
transport equation adopts the second-order upwind scheme. In
the steady-state simulation of the EVA polymerization reaction, the
turbulence model adopted the realizable k- (RKE) model. The
polymerization reaction model was activated, the governing equa-
tions and energy equations of each component were solved to obtain
the temperature distribution, the concentration distribution of each
component, and the molecular weight of the copolymer. Simulta-
neously, the viscosity model was combined to obtain the viscosity
distribution inside the reactor. Convergence was achieved when
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the temperature and composition at the outlet did not change with
the number of iterations. All equations were solved in steady-state
mode, and convergence was reached after 40000 iterations. Each
simulation was run parallel on 48 CPUs and converged within 45.84
hours.

The reactor was adiabatic. Pladis et al. [5] compared the effects
of pure initiator feed and initiator mixed with ethylene feed of the
LDPE polymerization reaction. The results showed that the pure
initiator feed tends to cause local overheating of the autoclave reac-
tor and trigger the ethylene decomposition reaction. Therefore, the
premixed of initiator and monomer was used in this study used.
In the factory’s high-pressure polyethylene process, the ethylene
monomer coming from the compression section is divided into four
streams. Three streams (each accounting for 1/4 of the total) enter
the first reactor’s upper, middle, and lower positions. The other
stream is equally divided into two streams (each accounting for 1/
8 of the total) and enters the top motor chambers of the two reac-
tors to cool the motors directly. So in this study, the ratio of inlet

Fig. 2. Grid independence test.

Table 3. Operating conditions and physical parameters
Parameters Value
Residence time (s) 40
Feed mass ratio (ethylene : VA) 8 : 2
TBPO (ppm) 30-75
n-butane (ppm) 900
Inlet temperature (K) 383-413
Pressure (MPa) 170
Impeller speed (rpm) 100-900
Density [7] (kg·m3) 520
Specific heat [3] (J·kg1·K1)
Ethylene 1,569.7+6.58×(T273.15)
Polyethylene 1,964.6
VA 5,298.5+3.47×(T273.15)
Polyvinylacetate 1,343.5+3.99×(T273.15)
Thermal conductivity of mixture [17] (J·kg1·K1) 0.1998
Heat of polymerization [3] (kJ·mol1)
Ethylene 95
VA 142.76

flow rates of monomer, initiator, and modifier at the four inlets was
inlet 1 : inlet 2 : inlet 3 : inlet 4=1 : 2 : 2 : 2. The operating conditions
and physical parameters are shown in Table 3. Since the concen-
tration of TBPO and n-butane is relatively small, the specific heat
capacity and heat of polymerization of TBPO and n-butane (CTA)
were ignored. Since the changes are small because of low mono-
mer conversion, the density of the fluid was assumed to be con-
stant [7]. Since the VA concentration of the EVA polymerization
process simulated in this study was low, about 20%, the mixture's
viscosity was assumed to be equivalent to the LDPE polymeriza-
tion process. The following viscosity model was used in our research
[6]:

(28)

in which, ethy is the viscosity of ethylene.

(29)

The kinetic rate constants during high-pressure polymerization
were obtained from the Arrhenius equation [30]:

(30)

where k0 is the frequency factor, E is the activation energy, and
V is the activation volume. The kinetic rate constant values of
each elementary reaction used in this study are shown in Table 4.

RESULTS AND DISCUSSION

1. Mechanism Model Verification
To verify the EVA copolymerization mechanism in Sections 2

and 3, we first simulated the laboratory-scale EVA copolymeriza-
tion reactor and compared the simulation results with the experi-
mental results.
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Table 5 shows the comparison of simulation and experimental
system with the TBPPI concentration of 50 mole ppm, the pressure
of 190 MPa, the temperature of 150 oC, and residence of 40 s. For
the VA concentrations of 13 wt% and 36 wt%, the errors of CFD
simulations of EVA polymerization conversion and initiator con-
sumption are both within 20%.
2. Simulation Results

The EVA autoclave reactor was simulated with the inlet tem-
perature of 403 K and the initiator concentration of 30 ppm. Fig.
3(a) and Fig. 3(b) show the distribution contours of temperature,
monomer mass fraction, EVA mass fraction, viscosity, and initiator
concentration of the axial section of the reactor at impeller speeds
of 100 rpm and 700 rpm, respectively. The reactor was divided into
three reaction zones. The cold streams from inlets were quickly
heated, and the reaction temperature raised continuously along the
axis direction in each reaction zone. The initiator decomposed
quickly after injection. The primary free radicals generated by the
initiator decomposition can further initiate polymerization. As the
monomers were consumed, the EVA mass fraction increased along
the axial direction in each reaction zone. The viscosity distribution
shows the same trend as the EVA concentration distribution. In

Fig. 3(a), when the impeller speed was 100 rpm, the temperature
and EVA mass fraction near the stirring shaft were significantly
higher than the wall surface due to poor mixing near the stirring
shaft. In Fig. 3(b), when the impeller speed was increased to 700
rpm, the radial distribution gradient of temperature and EVA mass
fraction were significantly reduced.
3. Influence of Impeller Speed

The influence of impeller speed on flow characteristics was inves-
tigated. Fig. 4 is the velocity distribution vector diagram between
two adjacent 45o pitched-blade turbines of the reactor axial-section
at the impeller speed from 100 rpm to 900 rpm. Two upward and
downward streams are formed at the tip of the impeller, where the
upward stream produced by the lower impeller and the down-
ward stream produced by the upper impeller converge in the mid-
dle of the two adjacent impellers and flow together to the next
reaction zone. In addition to the axial flow, radial flow was also
formed between the wall and the stirring shaft. The increase of the
impeller speed enhanced the axial and radial flow.

Fig. 5 is the velocity distribution streamline diagram of the reac-
tor shaft section (z/H=0.65-0.82, z is the observation position, H is
the height of the reactor) of different impeller speeds. The fluid

Table 4. Kinetic rate constants of ethylene and VA polymerization
Elementary reaction Symbol k0

* (L·mol1·s1) E (J·mol1) V (cm3·mol1)
TBPPI [6] Initiator decomposition kd 7.95×1013 117,140 3.45
TBPO [6] Initiator decomposition kd 5.75×1011 109,148 6.11

Ethylene [27]

Initiation kin 1.25×108 33,767 19.7
Propagation kp 1.25×108 33,767 19.7
Termination by combination ktc 1.25×109 4,184 13
Termination by disproportionation ktd 1.25×109 4,184 13
Chain transfer to monomer ktm 1.25×105 33,767 19.7
Chain transfer to polymer ktp 4.38×108 54,936 4.4
Chain transfer to modifier kta 2.62×107 49,664 19.5
-scission of internal radicals k 1.292×107 47,149 16.8

VA [30]

Initiation kin 3.2×107 26,334
Propagation kp 3.2×107 26,334
Termination by combination ktc 3.7×109 13,376
Termination by disproportionation ktd 3.7×109 13,376
Chain transfer to monomer ktm 7.616×103 26,334
Chain transfer to polymer ktp 1.088×104 26,334

Reactivity ratios [7]
Ethylene (1) 1.06

VA (2) 1.09

*When the reaction is the first order, the unit of k0 is s1; when the reaction is the second order, the unit of k0 is L∙mol1∙s1.

r1
kp11

kp12
--------

 
 

r2
kp22

kp21
--------

 
 

Table 5. The comparison of simulation and experimental system with the TBPPI initiator

VA concentration
(wt%)

Conversion (%) Initiator consumption (g/kg polymer)
Experiment [12] Simulation Error Experiment [12] Simulation Error

13 13.9 15.1 08.6 2.24 1.87 16.5
36 17.8 15.9 10.7 1.30 1.46 12.3
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flow route changed with the impeller speed increased. When the
impeller speed was 100 rpm, eddies were mainly formed away from
the shaft and the axial flow was formed near the stirring shaft. Eddies
gradually appeared near the shaft as the impeller speed increased
to 500 rpm, indicating that the mixing at the shaft improved, and
the fluid at the main body of the flow and the shaft could be fully
mixed at this time. After reaching 700 rpm and 900 rpm, the flow
pattern no longer changed significantly with the increase of the
impeller speed, but the axial and radial velocities were greatly im-

Fig. 4. Velocity distribution vector diagram between two impellers
with different impeller speeds.

Fig. 3. Contours of temperature, initiator mass fraction, monomer mass fraction, EVA mass fraction, and viscosity at the reactor axial-sec-
tion: (a) 100 rpm; (b) 700 rpm.

Fig. 5. Velocity distribution streamline diagram with different impel-
ler speeds.
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proved.
To further quantitatively investigate the velocity distribution in

the reactor at different impeller speeds, the velocities at r=0.05 m
(near the stirring shaft) and r=0.2 m (near the wall) were com-
pared. The distribution of the axial, radial and tangential velocity
components are shown in Fig. 6. The three velocity components
near the wall were larger than the stirring shaft. It indicates that
the mixing near the wall was better than the mixing near the stir-
ring shaft. When the impeller speed was 100 rpm, the two obser-
vation positions’ axial velocity and radial velocity were close to 0
m/s. The tangential flow was mainly generated in the reactor. How-
ever, tangential flow is not helpful for the mixing in the reactor.
With the impeller speed increased from 100 rpm to 700 rpm, the
two observation positions’ axial velocity and radial velocity had
greatly improved, and the maximum radial velocity near the stir-
ring shaft reached 2 m/s. As the impeller speed increased to 900
rpm, the maximum tangential velocity increased to about 20 m/s,

but the axial and radial velocity did not increase further. More-
over, the axial and radial velocity significantly decreased near the
stirring shaft. The decrease of axial and radial velocity is attributed
to the large tangential flow inertia generated in the reactor, weak-
ening the axial and radial flow near the stirring shaft.

To investigate the influence of impeller speed on the polymer-
ization process, the EVA autoclave reactor with different impeller
speeds at an inlet temperature of 403 K and initiator concentration
of 30 ppm was simulated. Fig. 7 shows the contours of the unre-
acted initiator concentration near the inlet at different impeller
speeds. There is a high concentration of unreacted initiator near
the inlet at the impeller speeds of 100 and 300 rpm. The reactor had
a large initiator concentration gradient from the area near the inlet
to the main body area. It shows that the fluid mixing was poor at
the lower impeller speeds of 100 and 300 rpm. As the impeller speed
increased to 500, 700, 900 rpm, the mixing was improved and the
initiator concentration gradient dropped.

Fig. 6. The distribution of the axial, radial and tangential velocities at (a) r=0.05 m and (b) r=0.2 m.
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The EVA copolymerization reaction is exothermic and tem-
perature distribution in the reactor is closely related to the mixing.
The reaction zone between the inlet 4 and the outlet was selected
to investigate the influence of impeller speed on temperature dis-
tribution. Fig. 8(a) shows the maximum temperature difference of
the reactor cross-sections at different heights (z/H=0-0.26). The
stream from inlet 4 cooled the fluid near the wall, while the fluid
near the stirring shaft was not well mixed with the cold stream
and still maintained a high temperature. Therefore, the maximum
temperature difference of the cross-sections near inlet 4 was large.
As the reaction progressed, the cold stream was gradually heated
and the maximum temperature difference of each cross-section de-
creased along the axial direction. As the impeller speed increased,
the maximum temperature difference of each cross-section gradu-
ally decreased, which was attributed to the improved mixing. When
the impeller speed increased to 700 rpm and 900 rpm, the maxi-
mum temperature difference of each cross-section dropped below
3 K. It indicates that the temperature distribution was uniform and
the reactants were well mixed.

Fig. 8(b) is the curve of the specific initiator consumption per
1% of the monomer reacted (WI) as a function of the impeller
speed. As the impeller speed increased from 100 rpm to 900 rpm,
WI decreased from 0.0796 kg/h to 0.0623 kg/h. It indicates that
poor mixing reduced the efficiency of the initiator. Increasing the
impeller speed can improve the mixing, thereby increasing the effi-
ciency of the initiator.

Fig. 8(c) shows the effects of the impeller speed on the stirring
power consumption per unit reactor volume (PV) and the outlet
monomer conversion. PV obtained according to the formula (31)
[31]:

(31)

in which, N is the impeller speed, MT is the stirring torque, and V
is the reactor volume.

As the impeller speed increased from 100 rpm to 700 rpm, the
monomer conversion increased from 12.3% to 15.5%. It was attri-

PV  
2NMT

60V
------------------

Fig. 7. Contours of initiator mass fraction at the reactor cross-sections near inlet 3 with different impeller speeds.

Fig. 8. (a) The maximum temperature difference of the reactor cross-
sections at different heights (z/H=0-0.26) with the impeller
speed from 100rpm to 900rpm; The effects of impeller speed
on (b) WI, (c) PVT and the outlet monomer conversion.
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buted to the improvement in mixing, which increased the reac-
tion probability of monomers, initiators, and free radicals. Erdo-
gan et al. [32] had observed the same phenomenon in styrene
polymerization experiments. As the impeller speed increased from
700rpm to 900rpm, PV was significantly increased, while the change
of conversion was negligible. Therefore, the optimal impeller speed
is 700 rpm.
4. Influence of Inlet Temperature and Initiator Concentration

The influence of inlet temperature on the EVA copolymerization
process was investigated at a constant impeller speed of 700 rpm,
initiator concentration of 30 ppm. Fig. 9(a) shows the effects of
inlet temperature on monomer conversion and the temperature
rise (T) of the feeds at the outlet compared to the inlet. Since the
reactor was adiabatic, the heat released by monomer polymeriza-
tion increased the temperature of the outlet feed. It can be seen
from Fig. 9(a) that the conversion and T show the same trend of
change. As the inlet temperature increased from 383 K to 413 K,
the monomer conversion decreased from 16.08% to 14.77%. The
decrease of monomer conversion was attributed to the increase of
reaction temperature, which greatly increased the chain termina-
tion rate. The excessive termination of the active polymer chains
made it difficult to initiate more monomers. Fig. 9(b) shows the
variation of WI with inlet temperature. As the inlet temperature
increased from 383 K to 413 K, WI increased from 0.0619 kg/h to
0.0664 kg/h. It shows that within the investigated inlet tempera-
ture range, a higher inlet temperature is not conducive to the effi-
cient use of the initiator. Due to the higher decomposition tem-
perature of the initiator used in this study, we used higher inlet
temperatures in the simulation. Note that in industrial autoclaves,
a mixture of initiators with different half-lives is commonly used
and the inlet temperature can be controlled below 363 K.

The influence of initiator concentration on EVA copolymeriza-
tion process was investigated at a constant impeller speed of 700
rpm and inlet temperature of 383 K. Fig. 9(c) shows that as the ini-
tiator concentration increased from 30ppm to 75ppm, the mono-
mer conversion increased from 16.08% to 20.72%, and T in-
creased from 142K to 183K. More primary free radicals were gener-
ated as the initiator concentration increased. The primary free rad-
icals generated by the decomposition of the initiator increased with
the increase of the initiator concentration, thereby initiating more
monomers to participate in the polymerization. However, it can be
seen from Fig. 9(d) that WI greatly increased with the increase of
the initiator concentration. Therefore, it is necessary to consider both
the initiator’s conversion and utilization efficiency when selecting
the initiator concentration.

CONCLUSION

A full-scale industrial EVA autoclave reactor model was estab-
lished by combining computational fluid dynamics (CFD) with
polymerization kinetics. The established model well predicts the
detailed flow field distribution of the reactor, which can provide
the basis for the reactor and impeller design. The conversion and
initiator consumption are closely related to the flow characteristics
in the reactor, and the established model can guide the optimiza-
tion of process conditions. In addition, accurate prediction of the
temperature field is achieved by coupling the reaction kinetics, which
can be used to guide the design of the reactor to avoid temperature
runaway.

As the speed of the impeller increases, the flow pattern changes
and the axial and radial flow increases. The increase of impeller
speed is beneficial to increasing the conversion and decreasing the

Fig. 9. The effects of inlet temperature on (a) monomer conversion and T, (b) WI; and the effects of initiator concentration on (c) mono-
mer conversion and T, (d) WI.
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initiator consumption per 1% of monomer reacted (WI). Increas-
ing the inlet temperature will reduce the monomer conversion and
WI in the investigated temperature range. Both conversion and WI

increased with increasing initiator concentration. Our research results
have guiding significance for the design and operation of industrial
EVA autoclave reactors.

This paper only considers the effect of operating conditions on
the conversion and initiator consumption. The research on crucial
product parameters such as molecular weight distribution will be
carried out in the future works to provide a reference for the regu-
lation of EVA product grades.

NOMENCLATURE

A : modifier
Dm, i : diffusion coefficient of component m [m2·s1]
Ea : activation energy [J·mol1·K1]
e : total energy [J·kg1]
f : apparent initiator efficiency factor
h : specific enthalpy [J·kg1]
Jm, i : diffusion flux of component m [kg·m2·s1]
k : turbulent kinetic energy [J·kg1·s1]
k0 : frequency factor [s1 or L∙mol1∙s1]
kd : initiator decomposition rate coefficient [L∙s1]
keff : effective thermal conductivity [W·m1·K1]
kin : initiation rate coefficient [L∙mol1∙s1]
kp : propagation rate coefficient [L∙mol1∙s1]
kta : chain transfer to modifier rate coefficient [L∙mol1∙s1]
ktc : termination by combination rate coefficient [L∙mol1∙s1]
ktd : termination by disproportionation rate coefficient [L∙mol

1∙s1]
ktm : chain transfer to monomer rate coefficient [L∙mol1∙s1]
ktp : chain transfer to polymer rate coefficient [L∙mol1∙s1]
k :-scission of internal radicals rate coefficient [L∙mol1∙s1]
MT : stirring torque [N∙m]
N : impeller speed [rpm]
PV : impeller power consumption per unit volume [W∙m3]
p : pressure [Pa]
r : reaction rate [mol∙L1∙s1]
Sh : heat source term due to polymerization [J·m3·s1]
Si : reaction source of component i [J·m3·s1]
Sct : Schmidt number
T : temperature [K]
ui : velocity components [m·s1]
V : reactor volume [m3]
WI : the specific initiator consumption per 1% of the monomer

reacted [kg·h1]
Ym : mass fraction of component m

Greek Letters
T : the outlet temperature rise [K]
V : activation volume [cm3·mol1]
ij : Kronecker delta
 : Turbulent kinetic energy dissipation rate [J·kg1·s1]
i : moment of the live polymer chains [mol·L1]
i : moment of the dead polymer chains [mol·L1]

 : dynamic viscosity [Pa·s]
t : turbulent viscosity [Pa·s]
 : mixture density [kg·m3]
ij : stress tensor [Pa]

Subscripts
d : initiation decomposition
in : initiator
m : chain length
n : chain length
p : propagation
ta : chain transfer to modifier
tc : termination by combination
td : termination by disproportionation
tm : chain transfer to monomer
tp : chain transfer to polymer
z : chain length
 :-scission of internal radicals

SUPPORTING INFORMATION

Additional information as noted in the text. This information is
available via the Internet at http://www.springer.com/chemistry/
journal/11814.
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Derivation of rate functions for the moments of the number
of chain length distributions of the ‘live’ and ‘dead’ polymer
chains:

The elementary reactions considered in this study include initia-
tor decomposition, initiation, propagation, chain transfer to mono-
mer, chain transfer to polymer, chain transfer to the modifier, ter-
mination by combination, termination by disproportionation, and
-scission of internal radicals [6,8]. In order to simplify the calcu-
lation of the copolymerization reaction, Xie et al. [9-11] proposed
the pseudo-kinetic rate constant method. The elementary reactions
and the pseudo-kinetic rate constants of the ethylene-VA binary
copolymerization are shown in Table S1.

fi is the mole fraction of monomer i in monomer mixture,

(1)

(2)

i is the mole fraction of radical i, which can be derived from the
assumption of the long chain approximation [12,13],

(3)

(4)

(5)

Fi is the mole fraction of monomer i in polymer [6],

(6)

(7)

where r1, r2 are reactivity ratios.
According to the elementary reaction, the rate equation of each

species can be derived:

f1 
M1

M1  M2
------------------

f2 1 f1

kpijifj   kpjijfi

1 
kp21f1

kp21f1  kp12f2
------------------------------

2  1 1

F1 
r11 f1

2
   f1

r1  r2   2 f1
2

  2 1  r2 f1 r2

----------------------------------------------------------------

F2  1 F1

Table S1. EVA copolymerization reaction mechanism and pseudo-kinetic rate constants
Elementary reaction Mechanism Pseudo-kinetic rate constants

Initiator decomposition

Initiation

Propagation

Termination by combination

Termination by disproportionation

Chain transfer to monomer

Chain transfer to polymer

Chain transfer to modifier

-scission of internal radicals

Il       2R0 l 1, 2 NI 
kdl

R0   M       R1
kin kin  kinjfj

j1

2



Rn   M       Rn1
kp kp  kpijifj

j1

2


i1

2



Rm  Rn       Pmn
ktc ktc  ktcijij

j1

2


i1

2



Rm  Rn       Pm  Pn
ktd ktd  ktdijij

j1

2


i1

2



Rn  M       R1 Pn
ktm ktm  ktmijifj

j1

2


i1

2



Rn  Pm       Rm  Pn
ktp ktp  ktpijiFj

j1

2


i1

2



Rn  A       R1 Pn
kta kta  ktaii

j1

2



Rn  Pm       Rz  Pn  Pmz
k k  kijiFj

j1

2


i1

2


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(8)

(9)

(10)

(11)

(12)

(13)

(14)

Since the active polymer chain and the dead polymer chain have
an infinite number of chain lengths, the moment method is used
to simplify the differential equations to calculate the copolymer
chain length distributions [5,6,14].

The zero moment, first moment, and second moment equations
of the active polymer chain are as follows:

(15)

The zero moment, first moment, and second moment equa-
tions of the dead polymer chain are as follows:

(16)

The corresponding rate functions for the moments of the num-
ber of chain length distributions of the ‘live’ and ‘dead’ polymer
chains can be obtained by multiplying each term of Eqs. (12), (13),
and (14) by term ni and summing up the resulting expression over
the total variation of n.

Here we provide the detailed derivation process of r0 as an
example:

Since the initiation rate is much greater than the initiator decom-
position rate, the R0 generated by the initiator decomposition can
quickly react with the monomer to generate R1, so it can be con-
sidered that

(17)

(18)

Since only one initiator is considered in this study, r0 can be
expressed as

(19)

r1, r2, r0, r1, and r2 are derived in the same way as r0. The final
moment rate equations are:

(20)

(21)

(22)

(23)

(24)

rIi
     kdi Ii  i 1, 2 NI 

rM    ki R0  M    kp M  Rn   ktrm M  Rn 
n1




n1





rA    kta A  Rn 
n1





rR0
   2fikdi Ii    ki R0  M 

i1

NI



rR1
  ki R0  M    kp R1  M    ktm M    kta A   Rn 

n1





  ktp R1  n
n2



 Pn    ktc R1  Rn 
n1





  k R1  n
n2



 Pn    k Rn  Pm 
m2




n1





rRn
   kp Rn1     Rn   M    ktm M    kta A   Rn   ktpn Pn  Rn 

n1





  ktp Rn  n
n2



 Pn    ktc Rn  Rn 
n1



    ktd Rn  Rn 
n1





  k Rn  n
n2



 Pn     k Rn 
n1



 Pm 
mn1





rPn
   ktm M   kta A   Rn    ktd Rn  Rn 

n1



   
1
2
--ktc Rm  Rmn 

m1





  ktp Rn  n
n2



 Pn    ktpn Pn  Rn    k Rn  n Pn 
n2




n1





  k Rn 
n1



 Pm 
mn1



    kn Pn  Rn 
n1





i   ni Rn 
n1





i   ni Pn 
n2





r0
   r

n1
 Rn 

   r Rn    r R1    r R2   r Rn 
n1





  ki R0  M    kp R1  M    ktm M    kta A   Rn 
n1








  ktp R1  n
n2



 Pn    ktc R1  Rn 
n1



    ktd R1  Rn 
n1





  k R1  n
n2



 Pn     k Rn 
n1



 Pm 
m2








  kp R1     R2   M    ktm M    kta A   R2    ktp2 P2  Rn 
n1








  ktp R2  n
n2



 Pn     ktc R2  Rn 
n1



    ktd R2  Rn 
n1





  k R2  n
n2



 Pn     k Rn 
n1



 Pm 
mn1








  

  kp Rn1    Rn   M   ktm M    kta A   Rn    ktpn Pn  Rn 
n1








  ktp Rn  n
n2



 Pn   ktc Rn  Rn 
n1



    ktd Rn  Rn 
n1





  k Rn  n
n2



 Pn    k Rn 
n1



 Pm 
mn1








  ki R0  M    kp Rn 
n1



 M    kp Rn  M 
n1





  ktm M     kta A   Rn 
n1



    ktp Rn 
n1



 n Pn 
n2





  ktp Rn 
n1



 n
n2



 Pn    ktm M    kta A   Rn 
n1





  ktc   ktd  Rn 
n1



 Rn 
n1



    k Rn 
n1



 n Rn 
n2





  k Rn 
n1



 n Rn 
n2



    ki R0  M   ktc   ktd 0
2

2fikdi Ii    ki R0  M 
i1

NI



r0
   2fikdi Ii    ktc   ktd 0

2

i1

NI



r0
   2fkd I     ktc   ktd 0

2

r0
   2fkd I     ktc   ktd 0

2

r1
 2fkd I    ktm M    kta A  1  kp M 0   ktp 20   11 

  ktc   ktd 01 k

1
2
--20    11 
 

r2
   2fkd I     ktm M   kta A  2    2kp M 1  ktp 30  12 

  ktc   ktd 02   k

1
3
--30   

1
2
--20  

1
6
--10   12 

 

r0
   ktm M     kta A  0  

1
2
--ktc   ktd 
 0

2
  k01

r1
  ktm M    kta A  1  ktp 20   11     ktd   ktc 01

  k 11 
1
2
--00 

 
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(25)

When transfer to polymer reactions are included in the kinetic
mechanism, the n-order polymer moment equation will depend
on the (n+1)-order moment. The Hulburt and Katz approxima-
tion [15] was employed to break down this moment dependence
in the present study. This technique assumes that the molecular
weight distribution can be represented by a truncated (after the
first term) series of Laguerre polynomials by using a gamma dis-
tribution weighting function. Assuming that the first three terms
of the Laguerre polynomials are sufficient for the representation of
the molecular weight distribution, it can be shown that the third
moment of the number chain length distribution can be expressed
as:

(26)

The above closure method was applied to each polymer class of
the ‘dead’ polymer chains.
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r2
   ktm M     kta A  2   ktp 30   12     ktd   ktc 02   ktc1

2

  k 22   0
2
3
--3  

1
2
--2   

1
6
--1 

 

3   
2

10
----------- 220   1

2 


