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Abstract—Hydrocracking of solvent deasphalted (SDA) pitch was performed in batch and semi-batch systems, at dif-
ferent reaction temperatures (380-430 °C) with varying amounts of Mo-octoate precursor (0-1,000 ppm Mo) under 70-
130 bar of H, pressure. The reusability of the catalyst was also examined. Coke formation was unavoidable in the
hydrocracking of the asphaltene-rich feed. The coke induction period was prolonged when the catalyst was intro-
duced. Increasing the Mo catalyst concentration decreased the coke yield and improved the product quality. The cata-
Iytic hydrocracking of the SDA pitch under high H, pressure suppressed coke formation, promoted desulfurization,
and increased the H/C ratio of the liquid products. At least 500 ppm of Mo catalyst and H, pressur above 110 bar were
required for the hydrocracking of SDA pitch with controllable coke generation in the semi-batch system. Sufficient
hydrogen supply and moderate catalyst concentration were essential for the slurry-phase hydrocracking of asphaltene-
rich feedstocks to enhance the product quality and suppress coke formation.
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INTRODUCTION

Crude oil has long been the most common source of energy,
particularly as a source of liquid fuels. With the reduced availabil-
ity of light crude oil, the exploration and exploitation of heavy oils
has increased in recent decades. These scenarios have promoted
the upgrading of heavy oil to meet market demands [1-3]. How-
ever, heavy oils contain a large number of impurities, complex
chemical structures, and poor characteristics, which are critical
issues in the refinery industry [3-6]. This necessitates a variety of
processes to produce valuable liquid fuels by upgrading heavy oils.

Asphaltene, considered the most massive fraction of heavy oils,
has a highly aromatic structure that is difficult to convert to valu-
able light products because it is well-known as a coke precursor
[7-9]. According to previous studies, asphaltenes are soluble in
aromatic solvents such as benzene or toluene and insoluble in light
n-alkane solvents, such as n-pentane or n-heptane [7,10,11]. Asphal-
tene molecules have been proposed to contain approximately seven
fused rings in the core system, several alkyl side chains, alicyclic
groups, and heteroatoms [8,12]. Owing to this complicated struc-
ture, the alkyl side chains are cleaved at high temperatures, leading
to the precipitation of the core polyaromatic rings, which reduces
the coke induction period under severe conditions. Therefore, re-
search on upgrading asphaltene-rich oils will contribute to the heavy
oil refining industry.

The purpose of upgrading heavy oils is to improve physical
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properties, remove impurities, generate higher-value products, and
decrease coke precipitation. The heavy oil upgrading process can
be divided into three types: the separation process (solvent deas-
phalting (SDA)), carbon rejection process (thermal cracking, cok-
ing, and visbreaking), and hydrogen addition process (hydrocracking
and hydrotreating) [1]. The SDA process is normally used to sepa-
rate the asphaltene fraction from heavy oil. The asphaltene-rich
SDA pitch is removed after filtration and deasphaltene oil (DAO)
is considered a suitable feed for further hydrotreating [13-15].

Hydroprocessing has gained recognition as a strong method in
heavy oil upgrading [16]. Hydrocracking technologies, which are
flexible in modifying catalysts and conditions, generate valuable
products with low coke formation. The hydrocracking process in a
slurry-phase reactor has shown impressive performance in heavy
oil treatment [3,17-19]. For example, a slurry-phase reactor can
handle feeds with higher metal content compared to other reactors
[3]. Dispersed catalysts used in slurry-phase reactors are reported
to be stable and active even under severe working conditions [20,
21]. Dispersed catalysts have been widely applied to the hydroc-
racking of various feedstocks, such as vacuum residue (VR), petro-
leum pitch, asphaltenes, and DAO [21-25]. MoS, formed from Mo-
octoate has been reported to suppress coke formation, reduce the
asphaltenes in the liquid products, and conserve a high DAO yield
[23]. Thus, the slurry-phase hydrocracking using oil-soluble cata-
lyst precursor was considered in this study.

Coke is an unavoidable by-product of hydrocracking. Coke for-
mation has been reported to be caused by asphaltene polymeriza-
tion/condensation [4]. During the reaction, the asphaltene solubility
is not balanced between the solvent oil and the solute asphaltene.
Moreover, the Mo catalyst prohibits coke formation under 50%
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VR conversion, and the catalytic effect is reduced with an increase
in precipitate aggregation [18]. Using a slurry-phase hydrocracking
system operating at a high conversion of residue, the formation of
sediment started at approximately 70% of VR conversion, and
most of the asphaltenes and metals were concentrated, which led
to the properties of asphaltenes changing linearly with respect to
the VR conversion [19]. It has been reported that an excess of cat-
alyst does not contribute to hydrogenation reactions or decrease
coke formation [26,27]. A large amount of asphaltenes induces
higher coke formation, and the high molecular weight and impu-
rities of asphaltenes are the limitations of upgrading heavy oil [26].
Furthermore, changes in the asphaltene chemical structures have
been reported to affect their aggregation [12]. The increase in
aromaticity and ring condensation in heavy oil leads to coke for-
mation.

The aforementioned studies were mostly conducted using VR
or crude oil. To meet the need for increased heavy oil utilization,
research on asphaltene-rich oil such as SDA pitch has been con-
ducted. In this study, the effect of reaction conditions on the hy-
drocracking of SDA pitch was investigated. The effects of reaction
temperature, catalyst load, and reaction pressure were examined
using a Mo-octoate catalyst precursor and a semi-batch reactor.
The reusability of the catalyst was also considered. Additionally, vari-
ous analysis techniques have beeen adopted, such as GC-SIMDIS,
ICP-AES, and elemental analysis, which delivers a broad overview
of heavy oil hydrocracking in terms of several aspects, such as coke
yield, asphaltene conversion, product distribution, and H/C ratio
of products. This makes it possible to better understand the reac-
tion results. The outcome of this study provides additional data-
bases for the heavy oil upgrading process, specifically the hydro-
cracking of high asphaltene content feeds.

EXPERIMENTAL

1. Materials and Procedure

SDA pitch from Hyundai Oil Bank was employed as a feed-
stock; its detailed properties are listed in Table 1. Numerous pro-
cesses are used to manufacture petroleum pitch. For example, it
can come from the SDA unit, the separated aromatic by-product

Table 1. Composition of SDA pitch feedstock

Composition Values
Naphtha (IBP-177 °C) (wt%) 0
Middle distillate (177-343 °C) (wt%) 2.1
Vacuum gas oil (343-524 °C) (wt%) 19.8
Residue (524 °C-FBP) (wt%) 78.1
S (Wt%) 5.6
N (wt%) 0.6
Ni (wppm) 210
V (wppm) 1,000
Mo (wppm) N.D.
H/C ratio 14
n-C; asphaltene (wt%) 58.5
Micro carbon residue (MCR) (wt%) 44.6
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from the lube oil process, or the bottom residues from the vac-
uum distillation unit [20]. Notably, each of these processes creates
a different pitch with distinct physical and chemical properties
[28]. In this study, the petroleum pitch separated from VR by the
SDA process was considered, which contains mainly asphaltenes
(approximately 60%), a low hydrogen to carbon (H/C) ratio, and a
high content of impurities such as sulfur, nitrogen, metals (nickel
and vanadium), and micro carbon residue. Micro carbon residue
(MCR) is a laboratory test that has been widely used and accepted
as a standard method for determining the amount of carbonaceous
residue remaining after evaporation/pyrolysis processes (ASTM
D-4530) [29].

The catalytic hydrocracking reactions in this study involved a
molybdenum octoate precursor from Shepherd Chemical (with
15.4 wt% Molybdenum). Toluene (99.5%) and n-heptane (99.5%)
purchased from Samchun Chemical and Duksan Chemical were
used to separate coke, asphaltenes, and DAO. The hydrocracking
process was executed in a semi-batch reactor (Parr Model 4566)
with a 100 ml vessel. Pitch (20 g) was loaded into the reactor with
various Mo catalyst amounts, such as 50, 250, 500, and 1,000 ppm
Mo concentrations, calculated based on the weight of the feedstock.
Hydrogen was purged into the reactor; and thereafter, the H, flowed
steadily inside the reactor through an MFC (Model F-221M, EL-
FLOW from Bronkhorst Company) to pressurize to 80 bar at 80 °C.
When the temperature reached 80°C the mixing rate was in-
creased gently to 100 rpm, and when it reached 200 °C, the stirrer
speed was increased to 1,200 rpm. The temperature increased to
380-410°C. Based on previous results obtained from the same
experimental apparatus [22,26,30] and the reaction results in this
work, 410 °C was chosen as the reaction temperature because it can
cause both hydrogenation and thermal cracking during the reac-
tion. The catalytic and non-catalytic hydrocracking reactions
were run in semi-batch and batch modes, respectively. The reac-
tion pressure was controlled from 70 to 130 bar in presence of the
catalyst. Each set of reactions was carried out from 0.25 to 12 h.
After the reaction, the temperature decreased to room tempera-
ture and the gaseous product was collected. The liquid and solid
products were collected and then separated to coke, asphaltenes,
and DAO.

2. Characterization of SDA Pitch and Products

The hydrocracking reactions produced gas, liquid, and solid prod-
ucts, which were characterized by the following methods. Gaseous
products such as light hydrocarbons and hydrogen sulfide were
determined by YL6500 GC, which has both TCD and FID detec-
tors. SIMDIS analysis is an excellent method for determining the
details of hydrocarbon composition. SIMDIS gas chromatography
with an Agilent GC 7890 followed ASTM 7169. The liquid and
solid products were dissolved in carbon disulfide (CS,) at a con-
tent of 3.33%. Each test resulted in a simulation distillation curve,
and the distributions of the products were divided into fractions
according to their boiling points. The naphtha fraction contains
hydrocarbons with boiling points below 177 °C, the middle distil-
late fraction includes hydrocarbons boiling from 177 to 343°C,
the vacuum gas oil (VGO) cut boils between 343 and 524 °C, and
the rest is VR. H, consumption of each reaction was calculated by
the following equations [31].
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Here, M;, and My, are the mass (g) of hydrogen before and after
the reaction, respectively, and M, is the weight (g) of SDA pitch
in each reaction. V is the volume (L) of the reactor. P, and P, are
the pressure (MPa) in the reactor before and after the reaction,
respectively. T; and T, are the temperature (°C) in the reactor before
and after the reaction, respectively, and R, is the hydrogen con-
tent in the gaseous products.

The liquid and precipitate products were collected and treated
for further analysis. Coke, asphaltenes, and DAO were separated by
an extraction method with toluene and n-heptane [30]. First, 2 g
of liquid and solid products were mixed in equal proportions to
the overall product distribution. 250 ml of toluene was then added
to the mixture and sonicated in 15 min. After filtration, the tolu-
ene insoluble component (coke) was separated from the mixture
and washed with toluene in Soxhlet extraction at 120 °C for 20 h
to remove the remaining toluene soluble compounds. Toluene in
the liquid obtained from the filtration and washing steps was re-
moved by rotary evaporator. To separate the n-heptane insoluble
component (asphaltene) from the toluene soluble fraction, 250 ml
of n-heptane was added, sonicated, and filtered. The filter cake
was collected and washed to remove completely the remaining n-
heptane soluble compounds by Soxhlet extraction at 110°C for
20h. Finally, n-heptane was removed from the n-heptane soluble
fraction using the rotary evaporator to obtain n-heptane soluble
component (DAO). A Thermo Scientific Flash EA-2000 Organic
Elemental Analyzer (EA) was used to determine the amounts of
C, H, N, and § in asphaltenes and DAO. A Thermo spectrometer
(ICP-AES) was used to determine the Ni and V concentrations.
Transmission electron microscope (TEM) analysis was conducted
by a Talos F200S microscope to discover the Mo catalyst active
phase between fresh and recycled catalysts. The average MoS, slab
length was calculated by selecting randomly 50 slabs from differ-
ent parts of the coke samples using Image]J software.

RESULTS AND DISCUSSION

1. Effect of Reaction Temperature

To examine the effect of temperature on catalytic hydrocrack-
ing of SDA pitch, a series of reactions were conducted at 380, 410,
and 430 °C as a function of reaction time (0.25-4 h); the product
distributions are summarized in Table 2.

Gas formation rate is highly dependent on the reaction tem-
perature. Gas yield gradually increased at 380 °C, while the gas for-
mation increased at a high rate from the start of the reaction at
430 °C. This indicates that the formation of gaseous products was
mainly due to cracking of the alkyl side chains [17] and thus was
promoted at high temperature. Coke formation rate and coke yield
also increased with increasing the reaction temperature. Coke induc-
tion period was reduced when the reaction temperature increased.
Then, the maximum coke yield increased significantly with in-
creasing the temperature. These results imply that catalytic hydro-
genation is favored at lower reaction temperatures so that asphaltenes
can be converted to progressively lighter liquid products. On the
other hand, at high reaction temperatures, thermal cracking was
accelerated, so that asphaltenes and DAO were rapidly reduced,
and a large amount of coke and gas was formed.

The effect of reaction temperature on the liquid product distri-
butions is also listed in Table 2. At 380 °C, a slow conversion of the
residue to lighter fractions was observed. At this temperature, light
fractions such as naphtha or middle fractions were produced gradu-
ally from the heavy fractions according to a continuous reaction
path, resulting in low yields. The residue conversion rate increased
with increasing the reaction temperature. When operating at 410 °C,
naphtha and middle distillate yields increased significantly, lead-
ing to a decrease in VGO yields after 4h reaction. Operating at
430 °C gave the highest naphtha yield with a sharp decrease in res-
idue. However, the thermal cracking behavior tends to produce
lighter products, so when the reaction conditions become harsh,
even the naphtha fraction starts to be cracked after 2 h reaction.
Obviously, the temperature including both catalytic and thermal
effects was 410 °C, and this reaction temperature was chosen to
perform in the next following study.

Fig. 1 shows the effect of reaction temperature on sulfur and
nitrogen removal. Sulfur content of asphaltenes decreased with
increasing the residue conversion in all cases. It is interesting that

Table 2. Effect of reaction temperature on product distributions obtained from catalytic hydrocracking at 380, 410, and 430 °C

Temperature (°C) 380 410 430

Reaction time (h) 025 1 2 4 025 1 2 4 025 1 2 4
Gas (wt%) 0.8 2.8 4.3 5.6 2.9 6.4 6.9 7.5 4.8 8.4 16.1 26.2
Liquid (wt%) 99.2 97.2 95.3 90.9 97.1 934 92.7 87.3 94.0 83.3 60.7 324
Naphtha (IBP-177 °C) (wt%) 0.8 0.6 0.7 3.6 0.9 2.9 33 8.1 3.1 7.9 16.0 10.6

Middle distillate (177-343 °C) (wt%) 25 34 39 7.8 60 131 179 231 108 195 213 114
Vacuum gas oil (343-524 °C) (wt%) 197 210 233 270 246 279 317 293 294 280 140 8.0

Residue (524 °C-FBP) (wt%) 763 722 674 525 657 495 398 268 50.7 279 94 2.4
Coke (wt%) 0.0 0.0 0.4 35 0.0 0.2 0.4 52 1.2 83 232 414
Asphaltenes (wt%) 484 421 377 261 397 294 230 136 312 173 7.0 0.7
DAO (wt%) 50.8 551 576 649 574 640 697 737 628 660 537 317

Korean J. Chem. Eng.(Vol. 39, No. 5)
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Fig. 2. Effect of temperature on (a) H/C ratio of DAO and (b) H, consumption.

the lower the reaction temperature, the lower the sulfur content in
asphaltenes at the same residue conversion. This indicates that
hydrodesulfurization took place more actively at lower temperature
with minimizing the loss of asphaltene weight because the hydro-
genation reaction easily occurred even below 400 °C. On the other
hand, nitrogen removal hardly happened under these conditions.
It has been reported that the C-C and C-S bonds are favored to be
cracked, whereas the C-N bond is difficult to crack because it is
located inside the asphaltene core [7]. Nitrogen content in asphaltenes
decreased at extremely high residue conversion (above 90 wt%) at
high reaction temperature, suggesting that the removal of nitro-
gen in asphaltenes is related to the asphaltene precipitation [18].
Fig. 2(a) shows the effect of reaction temperature on the hydro-
gen to carbon molar ratio of DAO products. It was observed that
the H/C ratio increased with increasing the residue conversion at
380 and 410 °C, indicating that the DAO became more aliphatic.
However, at 430 °C the H/C ratio of DAO was kept constant and
then decreased sharply at high residue conversion. These results
imply that the SDA pitch is refractory to be hydrocracked at high
temperatures. The alkyl side chains seemed to be cut down quickly
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and a hydrogenation reaction was not facilitated. This is also
related to the H, consumption result as shown in Fig. 2(b). At
430 °C there was no increase in the H, consumption at high resi-
due conversion region. This indicates that thermal cracking was
dominant at high temperature conditions and consequently increased
the gas and coke yields and decreased the DAO yield, as listed in
Table 2. As a result, 410 °C was the most suitable temperature for
SDA pitch hydrocracking due to the best quality of liquid prod-
ucts and the high H, consumption.
2. Effect of Catalyst Concentration

To study the effective catalyst amounts for upgrading asphal-
tene-rich oil, reactions with various Mo-octoate concentrations were
carried out (Fig. 3). Non-catalytic hydrocracking showed a high
coke formation rate, which led to a decrease in the amount of lig-
uid product. At the beginning of the non-catalytic hydrocracking
reaction, coke formation occurred immediately, reaching 7 wt%.
The coke yield increased rapidly from 7.1 to 28.5 wt% as the reac-
tion time increased (Fig. 3(d)). There was no coke induction period
in the absence of the catalyst during the reactions. These results
are explained based on asphaltene behavior.
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Generally, the molecular weight of asphaltenes decreases during
the hydrotreating process. It has been reported that size exclusion
chromatography (SEC) was used to characterize the molecular
weight distribution of asphaltenes and that the asphaltene masses
decreased due to the dealkylation of alkyl side chains [32]. NMR
analysis was also applied to determine the change in the asphal-
tene structure during the reaction, and it was found that the sever-
ity of the hydrocracking process influenced the alkyl side chains
and naphthenic rings [30]. This agrees well with the results of this
study. At the beginning of the reaction, the weight of asphaltenes
in the feed decreased sharply from 58.53 wt% to nearly 48 wt%,
which implies that the alkyl branches tend to be cleaved at high
reaction temperatures. The polyaromatic rings mainly remained
since these core aromatic rings are hardly cracked. Instead, the
aromatic sheets undergo stacking and form nanoaggregate struc-
tures. The number of aromatic sheets increased as the reaction
time increased, leading to the formation of asphaltene nanoaggre-
gates [8,30,33]. Phase separation occurs as soon as the cluster con-
centration exceeds the solubility limit of the mixture, and poly-
merization makes the coke irreversible [7].

In the presence of the catalyst, the coke induction period was
strongly controlled compared to the thermal cracking (Fig. 3(d)).
The coke yield in the presence of the catalyst was lower than that

in its absence. The greater the amount of catalyst applied, the less
coke was formed. With only 50 ppm of catalyst, the coke induc-
tion period was shown at 20 wt% of residue conversion. 250 and
500 ppm of catalyst extended the coke induction period to nearly
40 wt% of conversion, reaching 50 wt% of residue conversion when
1,000 ppm Mo-octoate was applied. Moreover, the catalyst improved
the DAO yield (Fig. 3(b)). These results were also found in previ-
ous studies [18,26]. The higher the amount of catalyst used, the
higher was the heptane-soluble yield. Therefore, better performance
(higher liquid yield and lower coke yield) was obtained when
1,000 ppm of catalyst was used for SDA pitch hydrocracking. It
was observed that the DAO vyield decreased when the reaction
time was extended and the residue conversion was higher than
60 wt%. This indicates that the DAO was also transformed into
gaseous products or asphaltenes in the high residue conversion
region [34].

Fig. 4 shows the effect of Mo concentration on the liquid prod-
uct distribution. When hydrocracking of SDA pitch was performed
in the presence of the catalyst, a higher yield of liquid products
was obtained. In the absence of the catalyst, the VGO yield in-
creased with an increase in conversion up to 40 wt% before decreas-
ing. When the catalyst was used, the maximum VGO yield was
obtained at 50 wt% conversion, which was higher than the non-

Korean J. Chem. Eng.(Vol. 39, No. 5)
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catalytic hydrocracking result. Moreover, the yield of middle distil-
late and naphtha in the catalytic hydrocracking was higher than
the non-catalytic hydrocracking. These results indicate that the
yield of the liquid products was improved by inhibiting coke for-
mation. There was little difference in the distribution of the liquid
product even when the catalyst concentration was changed. The
same trend of liquid product distribution even at various catalyst
concentrations indicates that the reactions producing VGO, mid-
dle distillate, and naphtha were mainly influenced by thermal crack-
ing. In all cases, the VGO yield increased during the first 50 wt%
residue conversion and then decreased, indicating that VGO is an
intermediate product of the hydrocracking reaction and is con-
verted to lighter fractions as the reaction proceeds. Meanwhile, the
middle distillate and naphtha yields continuously increased. The
general trend of the consecutive route can be seen as residue—
VGO—>middle distillate—naphtha, regardless of the change in cata-
lyst concentration, with or without catalyst [18,19].

Fig. 5 shows the change in sulfur and nitrogen content in as-
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phaltenes after SDA pitch hydrocracking with different catalyst
concentrations as a function of residue conversion. The higher the
catalyst concentration applied, the more sulfur is removed from
the asphaltenes. This result demonstrates that the desulfurization
of asphaltene is strongly influenced by the presence of the catalyst.
Indeed, C-S bond cleavage is favored by hydrogenolysis on the
catalyst surface [35]. However, nitrogen removal from asphaltenes
is more complicated. The nitrogen content of asphaltenes after cat-
alytic hydrocracking was slightly higher than that after non-cata-
Iytic hydrocracking. This is related to the fact that it is difficult to
remove asphaltenic nitrogen during hydrotreating reactions because
nitrogen is located inside the aromatic ring of asphaltene mole-
cules [6].

Fig. 6(a) shows the change in the quality of the DAO through
the H/C ratio. It was observed that the DAO became more ali-
phatic during the catalytic hydrocracking reactions, whereas the
liquid product without the catalyst had a more aromatic character.
The H/C ratio of DAO obtained from catalytic hydrocracking was
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higher than that obtained from non-catalytic hydrocracking. The
H/C ratio notably increased with increasing catalyst concentra-
tion. This also shows that the catalyst concentration influences the
hydrogenation reaction. Thermal cracking was prevalent in non-
catalytic hydrocracking, and the feedstock was converted to more
olefinic and aromatic products. These results agree with previous
research on heavy oil hydrocracking [18,26,27,36,37].

In addition, greater hydrogenation occurred at higher catalyst
concentration, and H, consumption depended on the catalyst con-
centration, as shown in Fig. 6(b). In the non-catalytic hydrocrack-
ing reaction, there was little increase in H, consumption despite
the increase in residue conversion. This indicates that hydrogena-
tion or radical scavenging reactions hardly occurred in the absence
of the catalyst. H, consumption increased with increasing catalyst
concentration. This implies that the hydrogenation reaction was
restricted at low catalyst concentration. Moreover, from the reduced
coke formation, it can be inferred that a high catalyst concentra-
tion improves the hydrogenation rate and promotes the conver-
sion of polyaromatic hydrocarbons to smaller molecules [18,27,

37]. These results demonstrate that asphaltene-rich feeds, such as
SDA pitch, can be effectively converted to lighter oil fractions with
high yields in the presence of adequate catalyst amounts.

Fig. 7 shows the effect of catalyst concentration on yields of sat-
urates, aromatics, and resins of DAO products after the hydroc-
racking reactions. It has been reported that heavy molecules were
cracked gradually to produce smaller molecules during catalytic
hydrocracking reactions [34]. It was observed that the resins de-
creased concurrently with increases in saturates and aromatics.
Similar to the tendency of the boiling point distribution of the lig-
uid product (Fig. 4), there was no significant difference in SARA
distribution even when the catalyst concentration was changed.
This implies that thermal cracking mainly affects the transforma-
tion of SARA fractions. In catalytic hydrocracking, the yields of
saturated hydrogen and aromatics were higher than in non-cata-
Iytic hydrocracking, while yields of resin and asphaltenes were lower
than in non-catalytic hydrocracking. These results indicate that the
quality of the liquid product is improved in the catalytic hydroc-
racking by inhibiting coke formation.

Korean J. Chem. Eng.(Vol. 39, No. 5)



1222 D. Van Pham et al.

Table 3. Comparison of catalytic performances between fresh and
recycled catalysts in hydrocracking of SDA pitch

Fresh Recycled

Product distribution

catalyst catalyst
Gas (Wt%) 6.9 8.9
Liquid yield (wt%) 92.7 882
Naphtha (IBP-177 °C) (wt%) 33 3.6
Middle distillate (177-343 °C) (wt%) 17.9 15.5
Vacuum gas oil (343-524 °C) (wt%) 317 30.5
Residue (524 °C-FBP) (wt%) 39.8 38.6
Coke (wt%) 04 2.9
Asphaltenes (wt%) 23.0 234
Sulfur in asphaltenes (wt%) 5.0 55
H/C ratio of DAO 1.5 14

It has been reported that the Mo catalyst precursor is converted
to MoS, by the excessive sulfur content of heavy oil [26]. It is also
known that the MoS, catalyst acts as an active site to prevent the
coke formation and promote hydrogenation olefin or poly-aro-
matic rings [27]. To investigate the reusability of the dispersed Mo
catalyst in the SDA pitch hydrocracking, a recycled catalyst was
prepared and applied to the hydrocracking test at 410 °C, 110 bar
H,, for 2 h. For the preparation of the recycled catalyst, the cata-
lytic hydrocracking of SDA pitch was conducted at 410 °C, 110 bar
H,, for 2h, and then the coke (toluene insoluble) was collected.
The result is summarized in Table 3. Compared to the fresh cata-
lyst results, the gas and coke yields were higher and the liquid yield
was lower when the used catalyst was applied to the second run.
This means that the reactivity of the reused Mo catalyst was lim-
ited in the catalytic hydrocracking of SDA pitch because some
coke was formed and deposited on the catalyst particle through
the first reaction [38].

Fig. 8 shows the TEM images of Mo, slabs in the coke obtained
from the catalytic hydrocracking of SDA pitch using (a) fresh cata-
lyst and (c) recycled catalyst. It was confirmed that the Mo-octoate
precursor was converted into MoS, active species during the reac-

tion [30,39]. MoS, average slab length of the fresh catalyst was 6.9
nm and that of the used catalyst was 6.7 nm, and there was little
difference in the MoS, length. However, the MoS, of the fresh cat-
alyst was finely dispersed in the form of single slabs, while the used
catalyst maintained the highly stacked MoS, in the heavily agglom-
erated coke [40]. This result suggests that the low reactivity of the
reused catalyst was related to the MoS, slab stacking and the agglom-
erated coke [41]. It has been reported that the reuse of MoS, cata-
lyst formed from Mo octoate is possible for hydrocracking of
medium asphaltene content feeds such as VR [36]. However, it was
confirmed that the MoS, catalyst cannot be reused in the hydroc-
racking of SDA pitch unless it is maintained in a highly dispersed
form due to the strong coking tendency of the asphaltene-rich feeds.
3. Effect of Pressure

To investigate the effect of hydrogen pressure on the SDA pitch
hydrocracking, reaction experiments were conducted using a 1,000
ppm Mo-dispersed catalyst in a semi-batch reactor to maintain a
constant pressure during the reaction. Fig. 9 shows the product distri-
butions influenced by variation in reaction pressure. The pressure
was varied from 70 to 130 bar of hydrogen. The DAO product yield
increased with increasing hydrogen pressure, whereas the coke
yield decreased with increasing pressure. This indicates that the
hydrogenation reaction was promoted at high H, pressure condi-
tions by preventing the radical reactions in the hydrocracking pro-
cess, and the coke formation was controlled by the hydrogen atoms
[33]. Thus, it is important to control coke formation by H, pres-
sure under the same catalyst concentration conditions, especially
when the reaction becomes more severe [37]. This is also related
to the decreased DAO yield at low pressures (70 and 90 bar) in the
region of high residue conversion above 60 wt % while maintain-
ing the DAO Yyield at high pressure (130 bar). Asphaltene content
in the feed decreased continuously during the hydrocracking reac-
tion. Lower asphaltene content was obtained at higher H, pres-
sures in the low residue-conversion region. However, the content
of the remaining asphaltenes was similar, with no significant dif-
ference in the region of high residue conversion over 60 wt%. This
implies that the conversion of asphaltenes in the SDA pitch was
limited, even at a high H, pressure, when the severity of the reac-

Fig. 8. TEM images of MoS, slabs dispersed in the coke obtained from catalytic hydrocracking of SDA pitch using (a) fresh catalyst and (b)

recycled catalyst.
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Fig. 10. Effect of H, pressure on (a) vacuum gas oil, (b) middle distillate, and (c) naphtha yields.

tion increased.

Fig. 10 shows the liquid product distribution obtained from cat-
alytic hydrocracking reactions under pressure variation at 410 °C
with 1,000 ppm Mo-octoate. The VGO vyield increased with an in-

Residue (524+ °C) conversion (wt%)

crease in the VR conversion up to 50 wt% and then decreased,
whereas the middle distillate and naphtha yields continuously in-
creased with increasing residue conversion. Although the H, pres-
sure was changed, the behavior of each fraction yield followed
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similar features at a low residue conversion (below 50 wt%). In this
region, the residue and VGO fractions were gradually hydrocracked
to generate light products. This phenomenon continuously increased
the amounts of middle distillate and naphtha. However, at high
residue conversion (above 50 wt%), the yields for VGO and middle
distillate at low pressure were lower than those under high-pres-
sure conditions. It has been reported that the heavy residue mole-
cules are gradually cracked into smaller hydrocarbons as residue—
VGO—>middle distillate—>naphtha, and the catalyst contributes to
maximizing the liquid product yield [18,19]. However, these results
indicate that radical reactions and coke formation are difficult to
control under low-pressure and high-residue-conversion condi-
tions. An H, pressure of 110 bar or higher was required to obtain
stable liquid yields in the hydrocracking of SDA pitch.

To investigate the effect of pressure on the quality of the cata-
lytic hydrocracking products, elemental analysis was performed
with the remaining asphaltene and DAO. Fig. 11 shows the sulfur
and nitrogen content of the asphaltenes separated from the liquid
products. A linear trend of sulfur reduction was observed during
the hydrocracking of the SDA pitch. Sulfur removal was enhanced

May, 2022

with increasing H, pressure at the same catalyst concentration,
implying that asphaltene-rich feeds could be hydrotreated effec-
tively under hydrogen-rich conditions. This is because nitrogen is
bound to aromatic rings, and this form is very stable, which is in
good agreement with previous results [42,43].

Fig. 12 shows the H/C atomic ratio of DAO and H, consump-
tion as a function of the H, pressure change. The H/C ratio of DAO
increased with increasing residue conversion and further improved
with higher H, pressure. The H, consumption increased steadily
as the residue conversion increased because the reaction was in a
semi-batch system. As a higher H, pressure was applied, higher H,
consumption was noted. H, was used for hydrodesulfurization,
hydrogenation, ring opening, and stabilization of free radicals in
the catalytic hydrocracking of the SDA pitch. Therefore, higher
liquid yields, sulfur removal, and H/C ratio of DAO were obtained
while minimizing coke formation under high H, pressure. These
results are also consistent with previous reports that higher H, pres-
sure enhances the conversion of asphaltenes to small molecules
instead of coke formation [37,44]. In particular, H, pressure plays
an important role in the catalytic hydrocracking of asphaltene-rich
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feedstocks such as SDA pitch. Apparently, a high pressure of more
than 110 bar inhibits coke formation and improves the product
quality. However, owing to the high asphaltene content of the SDA
pitch, a large amount of hydrogen is consumed in the hydrocrack-
ing reaction when operating at high pressure [22]. Note that the
H, consumption was influenced by the asphaltene content of the
feedstock, and the precipitation of solid particles was diminished
by sufficient H, supplementation. Therefore, it is necessary to con-
sider the economic feasibility and target products by managing the
optimal conditions when handling high asphaltene content feeds.
The effect of reaction pressures in the catalytic hydrocracking of
SDA pitch on yields of saturates, aromatics, and resins of DAO prod-
ucts is presented in Fig. 13. The resins decreased while saturates
and aromatics increased with increasing the residue conversion. It
was also observed that there was no significant difference in the
SARA distribution even when the H, pressure was varied. This
indicates that the thermal cracking mainly affected the transfor-
mation of SARA fractions, similar to that already observed in Fig. 7.

CONCLUSIONS

This study highlights the performance of a slurry-phase reactor
in the catalytic hydrocracking of SDA pitch under different operat-
ing conditions. The hydrogenation reaction of SDA pitch was favored
at low temperature and asphaltenes could be progressively con-
verted into lighter fractions. On the other hand, at high tempera-
ture the thermal cracking reaction was promoted, which resulted
in excessive generation of gas and coke, reducing the liquid yield.
410°C was seen as a temperature that could expose both catalytic
and thermal effects in the hydrocracking of SDA pitch. Coke for-
mation was found to be unavoidable in the treatment processes
with high asphaltene content feedstocks, such as SDA pitch. Coke
appeared immediately when the reaction was conducted in the
absence of the catalyst. However, the coke induction period was
prolonged by control of the radical reactions when a small amount
of catalyst was introduced. The catalyst also enhanced the hydro-

genation and hydrodesulfurization reactions. Higher Mo catalyst
concentrations resulted in improved product quality, including
higher liquid yield, lower coke yield, and higher sulfur removal. At
least 500 ppm of Mo catalyst was required for the hydrocracking
of SDA pitch with controllable coke generation in the semi-batch
system. The catalytic hydrocracking of SDA pitch under high H,
pressure was also beneficial in inhibiting coke formation, promot-
ing desulfurization, and increasing the H/C ratio of the liquid prod-
ucts. In fact, when operated at high H, pressures above 110 bar the
reaction had a great impact on the asphaltene conversion and coke
suppression by enhancing the hydrogenation reaction and con-
trolling the free radicals. However, low-pressure conditions did not
effectively inhibit coke formation and decreased the liquid yield,
even in the presence of high catalyst concentrations. Abundant
hydrogen supply and moderate catalyst concentrations were essen-
tial for the slurry-phase hydrocracking of asphaltene-rich feed-
stocks to enhance the product quality and control coke formation.
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