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Abstract−The paper proposes a concept configuration of reactors for coupling OCM and FTS, and presents system-
atic simulation results. FTS section is a combination of fixed bed and membrane fluidized bed reactor, and feed of the
FT reactor is supplied by OCM. The reactor configuration is compared with the consecutive reactors of OCM and one
fixed bed FT reactor. Effects of CH4/O2 ratio, percent of N2 in the feed, contact time, and input temperature on the
yield of ethylene and valuable hydrocarbons are studied. The results show that compared with one FTS reactor config-
uration, the dual FTS reactor configuration is more effective and thus gives much higher product yields. Furthermore,
a main decrease is observed in the formation of CO2 and CH4.

Keywords: Fischer-Tropsch (FT), Oxidative Coupling of Methane (OCM), C2H4 Yield, Fluidized Bed Reactor, Mem-
brane Reactor

INTRODUCTION

Ethylene and its derivatives are important ingredients for indus-
try and production of plastics, such as polyethylene. In addition,
ethylene can be converted to liquid hydrocarbons, such as alpha
olefins. However, ethylene in the world is produced via cracking of
hydrocarbon feedstock. The feedstock is conventionally naphtha,
but, nowadays, LPG and gasoline are also used. Because of the
shortage of the prime feedstock, several attempts have been made
to replace this feedstock with other raw materials. The oxidative
coupling of methane (OCM) to produce directly ethane and eth-
ylene (C2 hydrocarbons) has gained great interest in the past years.
Since 1982, there have been many studies on the OCM process
[1]. Despite the advantages associated with the direct conversion
of methane to these valuable C2+ hydrocarbons, low yield of this
process which does not exceed 30% is the main problem [2]. Heat
management, the required energy and high costs for gas separa-
tion [3] are still the prevailing problems, and attempts for com-
mercialization of OCM process have failed. The coupling of methane
without oxygen is highly endothermic and its conversion is lim-
ited due to thermodynamic limitations [4]. However, the process
is exothermic in the presence of oxygen. Eq. (1) shows the overall
pathway of OCM:

2CH4+O2→C2H4+2H2O (1)
ΔHr (800 oC)=−139 kJ/mol

However, due to thermodynamic reasons, the partial oxidation
and total oxidation are favored in the OCM process

CH4+O2→CO+H2O+H2 (2)
ΔHr (800 oC)=−519 kJ/mol

CH4+2O2→CO2+2H2O (3)
ΔHr (800 oC)=−801 kJ/mol

Consequently, catalysts are used to achieve a reasonable C2+ yield.
The available catalysts are still little active at low temperatures.
Therefore, the OCM process is performed at temperatures between
600 and 900 oC [5], which leads to lower C2+ yield because of the
increasing COx formation and severe catalyst deactivation. In
addition to carbon monoxide, hydrogen is also produced in OCM
reactor. Fischer-Tropsch (FT) is a catalytic route for producing
valuable hydrocarbons from synthesis gas. Different hydrocarbons
can be produced in FT depending on temperature, pressure and
catalyst. However, FT can also be a way for converting waste and
by-products to hydrocarbons. Such by-products are produced in
the OCM reaction.

Ehsani et al. [6] simulated the catalytic OCM reactor for eth-
ylene production. Simulated results showed that selectivity and
yield of the desired products (C2+) was basically increased in the
temperature range of 750-850 K. Likewise; it was observed that the
GHSV has positive effect on C2+ selectivity. Lee et al. [7] demon-
strated improved C2+ yield when GHSV, CH4/O2 ratio and reac-
tion temperature were changed in OCM reactor system. Their
simulation results showed that reactor temperature has more effect
on CH4 conversion and C2+ yield compared to other parameters.
They found that the yield of undesirable products (CO and CO2)
can be decreased when GHSV and CH4/O2 ratio increases [7].
Godini et al. [8] developed a comprehensive two-dimensional model
which considered the mass and heat transfer in both radial and
axial directions to simulate the performance of OCM reactions in
a porous packed bed membrane reactor. To investigate the relative
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effects of diffusion and catalyst activity on the predicted performance
of the membrane reactor, the kinetics of two different catalysts,
La2O3/CaO and Mn-Na2WO4/SiO2, was implemented in the model.
The CH4 conversion of 31.6%, low level of C2+ yield (25.1%), and
C2+ selectivity of 79.5% could be obtained in membrane reactor
using La2O3/CaO catalyst [8].

Marvast et al. [9] studied Fe-based FTS at high temperature.
Their simulation results showed that the reacting gas is poor in H2

in the second half of the reactor and adding hydrogen to the sys-
tem is necessary. Ghareghashi et al. [10] investigated gasoline yield
in a FT reactor in two cases of fixed bed and membrane reactor,
which resulted in the increased C5+ yield in membrane reactor
[10]. Park et al. [11] proposed a 2D heterogeneous model with
fixed bed FT reactor to study the effect of tube diameter on vari-
ous parameters. The simulation results showed that with an
increase in reactor diameter, temperature increased in both radial
and axial terms. Such an increase in temperature reduced the
selectivity of the desired products and increased the yields of un-
desirable products [11]. Moazami et al. [12] modeled the effect of
temperature and GHSV on CO conversion and production yield
in a packed bed FT reactor. They concluded that raising the tem-
perature could increase the conversion of CO, but it was undesir-
able because undesirable products such as methane were produced
and catalyst activity was decreased. They also reported that with
reduction of GHSV to 1200, CO conversion increased to 87.19%
[12].

However, to produce more ethylene, carbon monoxide and hy-
drogen of OCM products can be used efficiently in subsequent FT
reactor. It may be also useful to study subsequent FT reaction in
hydrogen selective membrane fluidized bed reactor as well as fixed
bed reactor. The advantages of the fluidization concept are small
pressure drop, prevention of problems such as radial gradients,
mass transfer limitation, and if desired high production capacity.
Packed bed reactors are seriously limited by poor heat transfer and
hot spot formation in the inlet of reactor.

In this study, ethylene and valuable hydrocarbons are increased
by arranging reactors in a configuration of consequent OCM and
FT reactors. Methane and oxygen enter the OCM reactor and
produce ethylene. To produce more ethylene, CO and H2 that are
the by-products of OCM reaction are used in FT reactor to pro-
duce more ethylene. FT section is a combination of fixed bed and
fluidized bed reactor. At the end of the fixed bed FT reactor, all of
the hydrogen is usually consumed and no more is left for the reac-
tion. For this reason, hydrogen permeation through the mem-
brane into the reaction side can overcome this problem using a
fluidized bed membrane reactor. The simulated results are com-
pared with the results of consecutive reactors of OCM and fixed
bed FT reactor. Finally, parametric sensitivity analysis is performed
to show the effect of various parameters on the results obtained
from the proposed model.

REACTION SCHEME AND KINETICS

1. Oxidative Coupling of Methane Kinetics
Kinetic model of Stanch et al. [13] is used in this study for OCM

reaction. A set of nine catalytic reactions and one gas phase reac-

tion on La2O3/CaO catalyst is suggested by Stanch et al. The reac-
tions are shown below: The first three reactions involve parallel
oxidation of methane. Reaction four is carbon monoxide oxida-
tion. In the fifth reaction, ethylene is produced by ethane oxida-
tive dehydrogenation. Part of ethylene formed from ethane might
become oxidized to carbon monoxide through either reaction 6 or
8. Reactions 9 and 10 are the side reactions of water gas shift which
are emphasized experimentally for many catalysts in the tempera-
ture range of 973 to 1,073 K.

Step 1: CH4+2O2→CO2+2H2O (4)

Step 2: 2CH4+0.5O2→C2H6+H2O (5)

Step 3: CH4+O2→CO+H2O+H2 (6)

Step 4: CO+0.5O2→CO2 (7)

Step 5: C2H6+0.5O2→C2H4+H2O (8)

Step 6: C2H4+2O2→2CO+2H2O (9)

Step 7: C2H6→C2H4+H2 (10)

Step 8: C2H4+2H2O→2CO+4H2 (11)

Step 9: CO+H2O→CO2+H2 (12)

Step 1: CO2+H2→CO+H2O (13)

The reaction rates for each step are given below:

(14)

(15)

(16)

(17)

(18)

(19)

The kinetic parameters estimated for the reaction scheme presented
above over La2O3/CaO catalyst are summarized in Table 2.
2. Fischer-Tropsch Reaction

The FT reactants include H2 and CO which produces hydrocar-
bon in the following reactions taken from [14]:

Step 1: CO+3H2 CH4+H2O (20)

Step 2: 2CO+4H2 C2H4+2H2O (21)

Step 3: 2CO+5H2 C2H6+2H2O (22)

Step 4: 3CO+7H2 C3H8+3H2O (23)

Step 5: 4CO+9H2 n-C2H10+4H2O (24)

Step 6: 4CO+9H2 C4H10+4H2O (25)

Step 7: 6.05CO+12.23H2 C6.05H12.36(C5
+)+6.05H2O (26)

Step 8: CO+H2O CO2+H2O (27)

rj = 
k0, je

−Ea, j/RTPC
mjPO2

nj( )

1+ Kj, CO2
e
−ΔHad, CO2, j/RT

PCO2
( )

2
---------------------------------------------------------------- j =1, 3 − 6

r2 = 
k0, 2e−Ea, 2/RT K0, O2

e
−ΔHad, O2, j/RT

PO2
( )

n2

PCH4

1+ K0, O2
e
−ΔHad, O2, j/RT

PO2
( )

n
 + Kj, CO2

e
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PCO2
[ ]

2
------------------------------------------------------------------------------------------------------------------------

r7 = k0, 7e−Ea, 7/RTPC2H6

r8 = k0, 8e−Ea, 8/RTPC2H6

m8 PH2O
n8

r9 = k0, 9e−Ea, 9/RTPCO
m9 PH2O

n9
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m10 PH2

n10

R1

R2

R3

R4

R5

R6

R7
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The reaction rate equations and kinetic parameters of each reac-
tion are listed in Table 1.

(28)

The kinetic model is valid for the temperature, pressure, and H2/
CO ratio of 290-310 oC, 15-23 bar, and 0.76-1.82, respectively [15].

REACTOR CONFIGURATION

The first reactor in this work is OCM, in which synthesis gas

Ri = 0.278Ki
− Ei

RT
--------

⎝ ⎠
⎛ ⎞PCO

m PH2

n mol kgcat
−1 s−1⋅ ⋅( )exp

Table 1. Kinetic parameters of Fischer-Tropsch reactions [23]
Reaction no. M n Ki Ei (J/mol)

1 −1.0889 1.5662 142583.8 83423.9
2 0.7622 0.0728 51.556 65018
3 −0.5645 1.3155 24.717 49782
4 0.4051 0.6635 0.4632 34885.5
5 0.4728 1.1389 0.00474 27728.9
6 0.8204 0.5026 0.00832 25730.1
7 0.5850 0.5982 0.02316 23564.3
8 0.5742 0.710 410.667 58826.3

Table 2. Kinetic parameters of OCM reactions [20]
Step k0, j (mol g−1 s−1 pa−(m+n)) Ea, j (kJ mol−1) mj nj Kj, CO2 (pa−1) ΔHad, CO2 (kJ mol−1) Kj, O2 (pa−1) ΔHad, O2 (kJ mol−1)
01 0.2×10−5 048 0.24 0.76 0.25×10−12

−175
02 23.2 182 1.00 0.40 0.83×10−13

−186
03 0.52×10−6 068 0.57 0.85 0.36×10−13

−187 0.23×10−11
−124

04 0.11×10−3 104 1.00 0.55 0.40×10−12
−168

05 0.17 157 0.95 0.37 0.45×10−12
−166

06 0.06 166 1.00 0.96 0.16×10−12
−211

07 1.2×107a 226
08 9.3×103 300 0.97 0
09 0.19×10−3 173 1.00 1.0
10 0.26×10−1 220 1.00 1.0

aUnits are in mol s−1 m−3 pa−1

Fig. 1. Schematic diagram of OCM and FT reactors.
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and C2+ are produced for the second reactor where CO and H2 are
converted to ethylene and heavy hydrocarbons. In another config-
uration, FTS is investigated in a fixed bed and fluidized bed mem-

Table 3. OCM reactor’s parameters and constants [13]
Parameter Dimension
Inner diameter (mm) 38.1
Pressure (kPa) 110
Length of catalyst bed (mm) 12000
Catalyst weight, mcat (g) 0.007-1.000
Flow rate (STP), υSTP (m3 s−1) 4×10−6-13×10−4

Catalyst size (mm) 0.25-0.35
Catalyst density (kgm−3) 3600

Fig. 2. (a) Figure of consecutive reactors: OCM and FT reactors (fixed bed and membrane fluidized bed in series). (b) An elemant of system
for mass and energy balance equations. 

Table 4. Characteristics of FTS pilot plant [16]
Parameter Value
Tube dimension (mm) Ø38.1×3×12 000
Feed temperature (K) 569
Cooling temperature (K) 566.2
Reactor pressure (kPa) 1700
Catalyst density (kgm−3) 1290
Catalyst size (mm) Ø2.51×5.2
Bulk density (kgm−3) 730
Tube length (m) 12
Number of tubes 1
GHSV (h−1) 235
Feed molar flow rate (gmol s−1) 0.0335
Bed voidage 0.488



Increasing ethylene production as a high value hydrocarbon in Fischer-Tropsch (FT) reactor 1575

Korean J. Chem. Eng.(Vol. 33, No. 5)

brane reactor with bifunctional Fe-HZSM5 catalyst (metal part:
100 Fe/5.4 Cu/7K2O/21SiO2 and acidic part: SiO2/Al2O3=28).
1. Two-stage Reactor Configuration (Consecutive Reactors of
OCM and Fixed Bed FT Reactor)

Fig. 1 shows OCM and FT synthesis reactors. In this configura-
tion, OCM and FT reactor are used, consequently. In the OCM
reactor (first reactor), feed gas containing methane, oxygen and
nitrogen as diluting component enters the reactor and produces
ethane, ethylene, and by-products such as synthesis gas. Effluent
gas enters the FT reactor (second reactor) and is converted to valu-
able hydrocarbons such as ethylene. Table 3 shows the operational
conditions and dimensions of OCM reactor packed with La2O3/
CaO. The data are derived from Stansch et al. [13]. These charac-
teristics are used for simulation of reactor. Specifications of the
fixed bed FT reactor are given in Table 4 [9].
2. Three-stage Reactor Configuration (Consecutive Reactors
of OCM and Fluidized Bed Membrane FT Reactor)

Fig. 2 shows the schematic diagram of OCM (first reactor) and
two consecutive reactors for FTS. In this configuration, the OCM
reactor is not changed, but the performance of the fixed bed FT
reactor is enhanced by the following fluidized bed reactor. In other
words, this new FTS configuration is based on the two reactors
consisting of a water cooled fixed bed and a synthesis gas cooled
reactor. Specifications of the water cooled reactor are exactly the
same as those of the previous fixed bed single stage reactor. The
tubes of the fixed bed reactor and shell side of the fluidized bed
reactor contain catalyst. In the fluidized bed system, the walls of
the tubes consist of hydrogen perm-selective membranes, and
mass and heat transfer simultaneously occur between both sides.
Also, hydrogen permeation due to the hydrogen partial pressure
gradient can improve the product yields.

Preheated synthesis gas enters the tubes of the fixed bed FT reac-
tor and heat of reaction is transmitted to the available cooling water
of the shell. As a result of such heat transfer, saturated water is con-
verted to vapor and enters the steam drum. The reacting gas con-
taining hydrocarbons leaves the fixed bed FT reactor and enters

the bottom of the fluidized bed in the counter-current mode to
tube synthesis gas. Catalyst characteristics and specifications of the
fluidized bed membrane FT reactor are summarized in Table 5.

MATHEMATICAL MODEL

1. OCM Reactor Balance Equations
A one-dimensional heterogeneous model is assumed for OCM

reactor. The system is assumed to operate in steady state condi-
tion and a plug flow fixed bed reactor model is proposed. The set
of governing equations for this system is given below:

Mass balance:

(29)

Energy balance:

(30)

Momentum balance (Ergun’s equation):

(31)

2. Conventional FT Reactor Balance Equations
The mathematical model of fixed bed FT reaction is developed

with the assumption of one-dimensional reactor and plug flow
pattern. It is also assumed that steady state condition exists and
also the gas phase is ideal gas. According to the above assumptions,
the mass and energy balance equations for the conventional reac-
tor can be written as follows:

Mass balance in gas phase:

(32)

− us
dCj

dz
-------- − ρbrc, j + εbrg, j = 0

− usρg cp
dT
dz
------- + ρb rc, j − ΔH( )

J=1

8
∑

J=1

8
∑

+ εb rg, j − ΔH( )  − 4U
dt
---- T − Tex( ) = 0

J=1

8
∑

− 
dP
dz
------ = 

ρgus
2

ψdp
----------

1− ε

ε
3

---------

⎝ ⎠
⎛ ⎞ 150 1− ε( )

ψRe
---------------------- +1.75

− Ft0

Ac
----------

dyi

dz
------- + avctkgi yis − yi( )  = 0

Table 5. Characteristics of FT reactors
System type Fixed bed Fluidized bed
Parameter Value Value
Tube dimension (mm) Ø21.2×4.2×7200 Ø21.2×4.2×4800
Inner radius of Pd-Ag layer (mm) - 0.0127
outer radius of Pd-Ag layer (mm) - 0.01270012
Feed temperature (K) 565 -
Cooling temperature (K) 540 -
Reactor pressure (kPa) 1700 2200
Catalyst density (kgm−3) 1290 1290
Catalyst equivalent diameter (m) 3.83×10−3 3.83×10−3

Bulk density (kgm−3) 730 -
Tube length (m) 7.2 4.8
Number of tubes 180 16
Flow rate/tube (gmol s−1) 0.0335 0.377
Catalyst thermal conductivity (kJm−1s−1k−1) 0.00625 0.00625
Bed voidage 0.488 0.56 (min fluidization)
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Mass balance in solid phase:
avctkgi(yi−yis)+ρBηri=0 i=1, 2, …, N (33)

Energy balance in gas phase:

(34)

Energy balance in solid phase:

(35)

where yi, T, ys, and Ts are the mole fraction and temperature in gas
phase and mole fractions on the catalyst surface and solid phase
temperature, respectively.
3. Fluidized Bed Membrane FT Reactor Model
3-1. Water-cooled Reactor (First Reactor)

The model is based on the following assumptions:
(a) One-dimensional heterogeneous model;
(b) Plug flow pattern is considered;
(c) Axial dispersion of mass and heat is neglected; and 
(d) The gas mixture is considered ideal gas.
According to the above assumptions and the differential element

along the axial direction inside the reactor, the mole and energy
balance equations are obtained. The mass and energy equations for
the bulk gas phase are:

(36)

(37)

where yi and T are the gas phase mole fraction and temperature,
respectively. The boundary conditions for the bulk phase are:

At z=0; yi=yi, in, T=Tin (38)

The mass and energy balance equations for the catalyst pellets:

kgi·av·ct·(yi−yis)+ρB·η·ri=0 i=1, 2, …, N (39)

(40)

where yis and Ts are the mole fractions on the catalyst surface and
solid phase temperature, respectively. The mass transfer coefficients
between the gas and solid phases are taken from Cusler [16]:

kgi=1.17Re−0.42Sci
−0.67ug×103 (41)

(42)

(43)

The diffusivity of each component in the gas mixture is given by [17]:

(44)

(45)

where Dij is the binary diffusivity calculated using the Fuller-Schet-
ter-Giddins equation [18]. Mi and υci are the molecular weight and
critical volume of component i which are reported in Table 6. The
overall heat transfer coefficient between the circulating boiling
water of the shell side and the bulk of the gas phase in the tube
side is given by the following correlation:

(46)

where hi is the convection heat transfer coefficient between the gas
phase and the reactor wall, obtained by the following correlation
[18]:

(47)

εB is the void fraction of the catalytic bed and dp is the equivalent
catalyst diameter. The other parameters are related to the bulk gas
phase. To calculate the heat transfer coefficient of boiling water on
the shell side at high pressure, Leva correlation is used [18]:

h0=282.2p4/3·ΔT2 0.7<P<14 MPa (48)

3-2. Gas-cooled Reactor (Fluidized-bed Reactor)
3-2-1. Tube Side (Feed Synthesis Flow)

Assuming constant molar flow rate in the tube side, the mass and
energy balance equations for the fluid phase are given as follows:

Mass balance equation:

(49)

(50)

PH
t and PH

sh are the hydrogen partial pressure in the tube and shell
sides, respectively. αH is the hydrogen permeation rate constant. Ro

and Ri are the outer and inner radii of Pd-Ag layer [19]. Hydro-
gen permeability through Pd-Ag layer is defined as a function of
temperature using Arrhenius law [20]:

− Ft0

Ac
---------Cpg

dT
dz
------- + avhf Ts − T( )  + 

πDi

Ac
---------Ushell Tshell − T( ) = 0

avhf Ts − T( )  + ρBη rj − ΔHf, i( )  = 0
j=1

8
∑

− 
ft0

Ac
-----

dyi

dz
------- + av ct kgi yis − yi( ) = 0 i =1, 2, …, N⋅ ⋅ ⋅ ⋅

− 
ft0

Ac
----- cpg

dT
dz
------- + av hf Ts − T( ) + 

π Di⋅
Ac
----------- Ushell Tshell − T( ) = 0⋅ ⋅ ⋅ ⋅ ⋅

av hf T − Ts( ) + η ρB rj
j=1

8
∑ − ΔHfj( )  = 0⋅ ⋅ ⋅ ⋅ ⋅

Re = 
2Rpug

μ
-------------

Sci = 
μ

ρ Dim 10−4⋅ ⋅
---------------------------

Dim = 
1− yi

Σi j≠ yiDij
-------------------

Dij = 

10−7 T3/2 1
Mi
------ + 

1
Mj
------⋅

P θci
 3/2

 + θcj
 3/2( )

2
--------------------------------------------

1
Ushell
-----------  = 

1
hi
---- + 

Ai
Do

Di
------ln⋅

2Π LKw
-------------------  + 

Ai

Ao
------

1
ho
-----⋅

hi

cpρμ
-----------

cp μ⋅
k

----------

⎝ ⎠
⎛ ⎞

2/3
 = 

0.458
εB

------------

ρ u dp⋅ ⋅
μ

-----------------

⎝ ⎠
⎛ ⎞

−0.407
⋅ ⋅

ft0

Ac
-----

dyh

dz
-------- + 

αH

As
------ PH

t
 − PH

sh( )  = 0⋅

αH = 
2πLp

Ro

Ri
-----ln

------------

Table 6. Molecular weight and critical volume of the components
Component Mi (g/mol) vci (m3/mol)×106

C5+ 85.084 370.0
i-C4H10 58.123 262.7
n-C4H10 58.123 255.0
C3H8 44.096 200.0
C2H6 30.070 145.5
C2H4 28.054 129.1
CO2 44.01 0 094.0
CO 28.010 018.0
H2O 18.020 056.0
H2 2.02 006.1
CH4 16.040 099.0
N2 28.010 018.5
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(51)

The pre-exponential factor P0 above 200 oC is reported as 6.33×
10−8 mol m−2s−1pa−1/2 and activation energy EP is 91270 kJ/kmol [21].

Energy balance equation:

(52)

Tt and T indicate the synthesis gas temperature in tube side and
the reacting gas temperature in shell side, respectively. The bound-
ary conditions are as follows:

At z=L; yi=yif, T=Tf (53)

3-2-2. Shell Side (Reaction Side)
In this work, the fluidized bed is in the bubble regime. The

two-phase theory that contains the bubble and emulsion phases is
used for this regime. In two-phase theory, flow rate of the bubble
phase is equal to the required residual gas flow to make minimum
fluidization. Velocity of bubbles (ub) is assumed to be constant all
over the bed [22]. Thus, when bubbles rise in a fluidized bed, the
dense (emulsion) phase continues to transfer gas to the rising bub-
bles, which in turn causes the bubbles to grow in size and rise with
higher velocities [23].

In fluidized bed systems, a macro-scale circulation flow pattern
with downward emulsion flow near the walls and an upward flow
in the middle of the bed is dominant [16]. Accordingly, the reac-
tor shows almost plug flow behavior.

The shell side's main assumptions are as follows:
a) Gas phase is ideal;
b) Radial distribution of concentration is negligible;
c) The bubble phase gas regime is plug;

d) Due to rapid mixing, the operation is assumed to be isother-
mal, which means bubble and emulsion phases have the same tem-
perature;

e) Hydrogen is only added to the emulsion phase;
f) Gas flow through the emulsion phase remains constant at

minimum fluidization velocity;
g) Given the small size of the catalyst, the diffusional resistance

inside the catalyst particles is neglected;
h) Catalyst particles can be found in bubble phase and compo-

nents can react in rising bubbles, too. But, the extension of chemi-
cal reactions in bubble phase is much less than emulsion phase; and

i) The axial diffusion of hydrogen through the membrane is
neglected compared to the radial diffusion.

Bubble phase mass conservation equation:

(54)

p = p0
− Ep

RT
---------

⎝ ⎠
⎛ ⎞exp⋅

ft0

Ac
-----cpgt

dTt

dz
-------- + 

αH

As
------ PH

t
 − PH

sh( )cph T − Tt( )  − 
πDi

Ac
---------Utube T − Tt( )  = 0

− δ
ft

Ashell
-----------

dyib

dz
--------- + δkbeictab yie − yib( )  + δγρp rbij = 0

j=1

8
∑

Table 7. Comparison of model and experimental data of [15]
Runs

1023 K 1073 K 1103 K 973 K 1023 K 1103 K
Feed mole fraction
CH4 0.612 0.612 0.612 0.699 0.699 0.699
O2 0.051 0.051 0.051 0.095 0.095 0.095
N2 0.337 0.337 0.337 0.206 0.206 0.206
CH4 conversion (%)
Experimental data 4.9 7.9 9.9 4.1 7.1 14.4
Model 4.73 8.41 10.8 3.15 6.18 14.45
Error (%) 3.47% 6.46% 9.1% 23.17% 1.13% 0.35%
C2+ selectivity (%)
Experimental data 55.6 69.2 72.5 35.6 53.7 69.6
Model 57.25 64.99 65.21 38.41 50.98 59.75
Error (%) 2.97% 6.08% 10.06% 7.89% 5.07% 14.15%
C2+ yield (%)
Experimental data 2.7 5.5 7.2 1.5 3.8 10
Model 2.7 5.5 7.4 1.21 3.15 8.63
Error (%) 0% 0% 2.78% 19.3% 17.11% 13.7%

Table 8. Comparison of CR model results with pilot plant data [13]
Parameter Pilot plant data Model Error (%)
XCO (%) 077.94 077.19 00.96%
XH2 (%) 092.83 94.5 1.8%
CO2 selectivity 339.07 317.32 6.4%
CH4 selectivity 044.15 044.65 1.1%
H2O selectivity 120.67 115.19 4.5%
C2H4 selectivity 003.95 003.52 1.1%
C2H6 selectivity 011.78 013.93 18.25%
C3H8 selectivity 009.33 006.42 31.19%
n-C4 selectivity 011.07 009.65 12.82%
i-C4 selectivity 014.45 012.23 15.36%
C5 selectivity 042.55 045.64 7.3%
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i=1, 2, …, N

Emulsion phase mass conservation equation:

(55)

yib and yie refer to the mole fraction of each component in bubble

and emulsion phases, respectively. Kbei is the mass transfer coeffi-
cient between the bubble phase and emulsion phase, and γ is vol-
ume fraction of catalyst bed occupied by solid particles in bubble
phase. Ashell is the area around each tube.

The heat balance equation between the shell and tube of the gas
cooled reactor is:

(56)

− 1− δ( )
ft

Ashell
-----------

dyie

dz
-------- + 1− δ( )ρeη rij + δkbeiabct yib − yie( )

j=1

8
∑

+ 1− δ( )
αH

As
------ PH

t
 − PH

sh( )  = 0

− 1− δ( )
αH

As
------ PH

t
 − PH

sh( )cpH T − Tt( ) + 1− δ( )ηρe rj − ΔHfj( )
j=1

8
∑

Fig. 3. Variation of CO, H2, C2H4 and C2H6 mole flow (a)-(d) in OCM and FT reactors (in CR (conventional fixed bed) and dual type FT in
series (FR)) (CH4/O2=12, T=1,103 K).
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when αH is zero the membrane is not permeable to hydrogen.
The empirical correlations for the hydrodynamic parameters

used in the model are taken from the related literature, although
they were originally obtained for the beds without internals. Based
on two-phase theory, Harrison and Davidson suggested the fol-
lowing correlation for the velocity of rise of bubbles [24]:

ub=u0−umf +0.711(g·db)0.5 (57)

The following correlation is selected for minimum fluidization veloc-
ity [22]:

(58)

where Ar is Archimedes number.
To calculate the bubble diameter at each height of bed, the fol-

lowing correlation is used [24]:

db=0.00853(1+0.272(u0−umf))1/3·(1+0.0684z)1.21 (59)

The mass transfer coefficient between the bubble and emulsion
phases in fluidized bed reactor is [25]:

(60)

where Dm is the diffusivity of each component in the gas mixture.
The heat transfer coefficient between the bubble and emulsion

phases in fluidized bed reactor is:

(61)

where hg and hr are convection and radiation heat transfer coeffi-
cients, respectively, and k0

ew is the effective heat conduction of a
bed thin layer near the wall surface.

SIMULATION AND DISCUSSION

1. Model Validation
The ability of the models to estimate the results of FT and OCM

reactors is tested by comparing the predictions with the experi-
mental data. OCM model validation is carried out by the compar-
ison of model calculation with the experimental results by Stansch
et al. on La2O3/CaO catalyst [13]. Table 7 presents the results of
simulation and experimental data for OCM reactor under the same
conditions and the actual reactor dimension in two different feed
ratios. At high methane to oxygen ratio, model shows good agree-

+ γρBση rbj − ΔHfj( )  + 
π Di⋅
Ashell
-----------Ushell T − Tt( ) = 0

j=1

8
∑

umf = 
μg

ρg dp⋅
------------

⎝ ⎠
⎛ ⎞ 27.22

 + 0.0408Ar − 27.2( )⋅

kbe = 0.75umf + 
g Dm

2⋅
db

-------------

⎝ ⎠
⎛ ⎞

0.25

h = hg + hr + 1− δ( )
2kew

0

dp
---------- + 0.05cpg ρg u0⋅ ⋅⎝ ⎠
⎛ ⎞

Fig. 4. Variation of C5, C3H8, i-C4H10, and n-C4H10 mole flow (a)-(d) in FT reactors (in CR and dual type reactors) (CH4/O2=12, T=1,103 K).
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ment with experimental data, but in the second one low agree-
ment is obtained, and at lower temperatures the error is even 19%.
The reason for this error could be neglecting of reactions in the
areas of pre-catalytic and post-catalytic in modeling calculations.
In these areas, gas phase reactions such as oxidation and thermal
decomposition reactions occur. However, both OCM and FT pro-
cesses have significant scaling up effects and the usage of the kinetic

data from literature should be performed with caution. FT reactor
is validated by comparing its results with the experimental data of
RIPI pilot plant [15] in Table 8. As can be seen, there is good agree-
ment between experimental data and simulation results for CO
and H2 conversion and C5 selectivity. However, for ethane, propane
and butane selectivity some deviation can be seen. The deviation
of the simulated selectivity of propane from the experimental result

Fig. 5. Variation of (a) C2H4 (b) C2H6 (c) C3H8 (d) C5 (e) i-C4H10 (f) n-C4H10 (g) CH4 (h) CO2 yield in CR and FR reactors (CH4/O2=12, T=
1,103 K).
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is as high as 31.19%. However, the kinetic model did not consider
the effect of secondary reactions of alpha olefins such as readsorp-
tion, hydrogenation and isomerization, which might lead to some
deviation in results. Readsorption is based on hypothesis that lin-
ear alpha olefin readsorb on the active sites and can initiate the chain
growth.
2. Simulation Results
2-1. Component Mole Flow and Product Yield in Length of Reactor

Results of OCM and FT reactor models are shown in Figs. 3(a)-
(d). Mole flow of ethylene, ethane, hydrogen and carbon monox-
ide in OCM and FT reactors is compared in two configurations:
fixed bed FT reactor (denoted by CR) and dual type FT reactor
(denoted by FR). Use of membrane reactor has positive effect. As
shown in Figs. 3(a) and (b), hydrogen mole flow in dual type sys-
tem is higher than conventional system due to adding hydrogen to
the reaction side through Pd-Ag membrane. Furthermore, diffu-
sion of hydrogen promotes the conversion of carbon monoxide.
Figs. 3(c) and (d) show that mole flow of ethylene and ethane in
FR reactor increases in comparison to CR reactor; in fact, hydro-

Fig. 5. Continued.

Fig. 6. Variation of H2/CO ratio produced in OCM reactor as a func-
tion of CH4/O2 ratio (T=1,103 K, N2 mole fraction=0.337).

Fig. 7. Effect of CH4/O2 ratio in OCM reactor feed on (a) CO conversion and (b) H2 conversion (b) in CR and FR reactors (T=1,103 K, N2
mole fraction=0.337).
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gen permeation in the shell side improves ethylene production. In
other words, the FR overcomes mass transfer limitations due to small
particle size, and also controls the addition of hydrogen through
the membrane. Hydrogen consumption in the water cooled reac-
tor of FR and also in the first half of CR is relatively high. There-
fore, there will be a lack of hydrogen in the second section of these

reactors and adding hydrogen in FR configuration leads to more
conversion of hydrogen and CO, and as a result, more hydrocar-
bons are produced.

Figs. 4(a)-(d) show the mole flow of hydrocarbon products such
as propane, n-butane, iso-butane, and gasoline, respectively. It is
clear that the dual type FT reactor enhances the formation of prod-

Fig. 8. Effect of CH4/O2 ratio in OCM reactor feed on (a) C2H4 (b) C2H6 (c) C5 (d) CH4 (e) CO2 yield in CR and FR modes of FT reactor (T=
1,103 K, N2 mole fraction=0.337).
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ucts. Yield of products such as ethylene, ethane, propane, gasoline,
iso-butane, n-butane, methane and carbon dioxide in FR and CR
reactors is shown in Figs. 5(a)-(h). It is evident that a dual type FR
reactor operates better due to decreasing production of carbon
dioxide and methane as undesired by-products. Diffusion of
hydrogen toward the reaction side affects the water gas shift reac-
tion, which is desirable due to consuming CO2.
2-2. Effect of CH4/O2 Ratio in OCM Feed

Figs. 6-8 represent the effect of composition of input feed of OCM
reactor on the products conversion and yield. Fig. 6 indicates that
with increasing CH4/O2 ratio, H2/CO ratio at the end of OCM
reactor decreases. Changing this ratio affects the yield of products
in FT reactor. As can be seen in Fig. 7, H2 conversion in dual type
FR is less than the conventional reactor, and as a result of H2 diffu-
sion, more CO conversion is observed. Fig. 8 presents the change
of (a) C2H4, (b) C2H6, (c) C5, (d) CH4 and (e) CO2 yield with CH4/
O2 ratio. According to Figs. 8(a) and (b), with increasing CH4/O2

ratio, C2 yield reduces at the outlet of OCM reactor because of
insufficient oxygen in the reaction. Due to the increase of CO in
the output of the OCM reactor, ethylene yield increases and also
less ethane yield is observed. In the FT reaction kinetics, order of
C2H4 is positive and change in CH4/O2 ratio promotes C2H4 pro-
duction.

According to Fig. 8(c), the gasoline yield in FR is higher than
CR. As demonstrated in Figs. 8(d) and (e), due to methane and
carbon dioxide reaction order in FT kinetics, the yield of CH4 de-
creases and yield of CO2 increases with increasing CH4/O2 ratio and
more CO production but their yield decreases in FR compared to
CR.
2-3. Effect of N2 Percentage in OCM Feed as an Inert Gas

Effect of inert gas in the feed of OCM reactor on H2/CO ratio,
CO and H2 conversion and hydrocarbons yield is shown in Figs.
9-11. Changing percent of inert gas in the input feed has great
effect on the yield of products in FT reactor and conversion of
reactants. In the OCM reactor, inert gas is used for the dilution of
input feed and reduces the temperature of reaction by capturing
heat of reaction. However, reducing percent of oxygen (with dilut-
ing inert) favors oxidative coupling reactions and further prevents

deep oxidation reaction. According to these Figs., increase in the
mole of CO at 60% inert gas causes improvement of desirable
products and decreases the undesired products (Fig. 11).
2-4. Temperature Profile in FT and OCM Reactors

Fig. 12 shows the gas phase temperature in the OCM and FT
reactors. There are two temperature peaks in the zones close to the
entrance of FR and CR reactors. For simulation purposes, the max-
imum temperature for the Fe-HZSM5 catalyst to remain active is
assumed to be 620 K [9]. As shown in Fig. 12(a), most of the reac-
tion heat is captured in the FR section. However, FR operates far
from hotspot and temperature control is easier.
2-5. Effect of Contact Time

Fig. 13 shows the production yield of C2H4 in CR and FR modes
and also H2/CO ratio in OCM reactor as a function of contact time.
Reactants of OCM reactor would have longer contact time with
low space velocity. As a result, the reaction would go to comple-
tion and the process will be enhanced. As shown in Fig. 13(a), H2/

Fig. 10. Effect of N2 % in OCM reactor feed on (a) CO conversion and (b) H2 conversion in CR and FR reactors (CH4/O2=12, T=1,103 K).

Fig. 9. Variation of H2/CO ratio produced in OCM reactor as a func-
tion of N2% in feed of OCM reactor (CH4/O2=12, T=1,103 K).
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CO ratio decreases with the increase of contact time.
2-6. Effect of Cooling Water Temperature

Fig. 14 shows the effect of cooling water temperature on the
yield of (a) C2H4 and (b) C5+ in dual type FT reactor with variation
of CH4/O2 ratio in the inlet of OCM reactor. Increasing the cool-
ing water temperature increases C2H4 yield and decreases C5+ yield.
2-7. Effect of FT Pressure

Fig. 15 demonstrates the reactor system performance at differ-

ent pressures. With assuming that operating pressure of fixed bed
FT reactor is equal to that of fluidized bed membrane FT reactor,
Fig. 15 indicates that by increasing pressure of dual type FT reactor
mole flow of gasoline increases. However, pressure does not have
an appreciable effect on ethylene. The reason for this behavior is of
partial pressure difference of hydrogen and rate of gasoline pro-
duction that is more sensitive to hydrogen's partial pressure (Eq.
(28)).

Fig. 11. Variation of (a) C2H4 (b) C2H6 (c) C5 (d) CH4 (e) CO2 yield in CR and FR of FT reactor and OCM reactor as a function of N2 % in
OCM reactor feed (CH4/O2=12, T=1,103 K).
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2-8. Lratio Effect of FT with Different CH4/O2 Ratio in OCM
Fig. 16 demonstrates the variation of (a) hydrogen conversion,

yield of (b) C2H4, (c) CO2 and (d) C2H6 with CH4/O2 ratio at the

inlet of OCM reactor in different ratios of dual type FT reactor
lengths. The ratio is defined as Lratio=(L1/L2), where L1 and L2 are
length of fixed bed and fluidized bed membrane reactor, respec-

Fig. 13. Effect of contact time on (a) H2/CO ratio in feed synthesis gas (exit of OCM reactor) (CH4/O2=12, T=1,103 K).

Fig. 12. Temperature profile in OCM and FT reactors.

Fig. 14. Effect of cooling water temperature on (a) C2H4 and (b) C5+ yield with input CH4/O2 ratio in OCM.
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Fig. 15. Effect of pressure on (a) C2H4 yield and (b) C5+ yield with input CH4/O2 ratio in OCM.

Fig. 16. Comparison of (a) hydrogen conversion (b) C2H4 yield (c) CO2 yield and (d) C2H6 yield as a function of Lratio with different CH4/O2.
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tively. As shown in Figs. 16(a) and (b), conversion of H2 and yield
of ethylene at the Lratio of unity is more than other cases. The rea-
son is that the higher the length of membrane fluidized bed reactor,
the more CO reaction with hydrogen and more yield of favorable
products. Figs. 16(c) and (d) show that yield of CO2 and ethane at
lower Lratio are less than other ratios.
2-9. Effect of Gas Velocity in FT Reactor at Different CH4/O2 Ratio

Figs. 17(a) and (b) indicate change of ethylene (as a desired prod-
uct) and methane (as an undesired product) yield with inlet gas
velocity, ug. Fig. 17 displays that desired FT products increase and
undesired FT products decrease with changing ug from 0.7 to 0.5
m/s, which is the result of more residence time and higher mass
transfer coefficient in the fluidized bed. Physical and hydrodynamic
parameters such as bubble specifications and overall heat transfer
coefficient are the function of gas velocity. Gas velocity variation
affects pressure drop and minimum fluidization velocity, too. The
pressure drop has the main effect on the partial pressure of com-
ponents. Since rates of reactions depend on partial pressure, higher

pressure drop results in lower reaction rate and products yields. On
the other hand, change of minimum fluidization velocity influences
bubble diameter (db), bubble rising velocity (ub), volume fraction of
bubble phase to overall bed (δ), and mass transfer coefficient be-
tween the bubble and emulsion phase (kbe).
2-10. Effect of Temperature and CH4/O2 Ratio of OCM Reactor

Fig. 18 shows 3D plot of ethylene yield in FT reactor as a func-
tion of inlet temperature and CH4/O2 ratio of OCM reactor. It can
be seen that the C2H4 yield increases with CH4/O2 ratio of OCM
reactor (lower H2/CO ratio). H2/CO ratio has considerable influ-
ence on the yield of FT product. At low temperature, this ratio is a
far from efficient ratio (0.96), but at high temperatures it is near to
this ratio (refer to Fig. 6). However, the ethylene yield is less sensi-
tive to temperature at CH4/O2=12; ethylene decreases slightly from
973 to 1,073 K and then increases. The same behavior is observed
for C5 yield (Fig. 19).

The results suggest that the concept of FR system is an interest-
ing candidate for application in FT synthesis. However, from an

Fig. 17. Effect of gas velocity on (a) C2H4 yield and (b) CH4 yield with input CH4/O2 ratio in OCM.

Fig. 18. Three-dimensional profile of ethylene yield in the exit of FR in terms of CH4/O2 ratio and temperature of OCM reactor.
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industrial point of view, there are still many issues to be addressed
before putting a case for successful commercialization, such as dif-
ficulties in reactor construction, cost of membranes, and sealing in
the fluidization conditions. Pd-Ag membrane is mainly used for
H2 separation of relatively simple gas mixture. For an N2-contain-
ing OCM product, Pd-Ag membrane’s work condition would meet
both the FT process conditions and the OCM products, which
include very active ethylene particularly.

CONCLUSIONS

Using consecutive reactors improves the performance of rec-
tors and CH4 is converted to C2H4. The amount of desired com-
ponents yield in dual type FT reactor is higher than the conventional
FT reactor due to diffusion of hydrogen to the reaction side and
increasing the conversion of CO. Another useful concept of dual
type FT reactor is decreasing the amount of CH4 and CO2 as un-
desired by-products of FT reaction. This reactor configuration can
be suggested to produce more desirable hydrocarbons. Although
the results are very interesting and thus can be taken as reference
for future research activities, the main problem is the practical sec-
tion of work and the proposed process configuration, which is too
complicated. However, future development will reduce these prob-
lems.

NOMENCLATURE

Ac : cross-section area of tube [m2]
Ai : inner area of each tube [m2]
As : lateral area of each tube [m2]
Ashell : cross-section area of shell [m2]
ab : interface between bubbles and emulsion [m2]
av : specific surface area of catalyst pellet [m2·m−3]
cp : specific heat [kJ·mol−1·K]

cPg : specific heat of the gas at constant pressure [J·mol−1·k−1]
cPh : specific heat of the hydrogen at constant pressure [J·mol−1·

k−1]
cPs : specific heat of the catalyst at constant pressure [J·mol−1·k−1]
Ct : total concentration [mol·m−3]
Cj : concentration of species j [mol·m−3]
cPh : specific heat of hydrogen at constant pressure [Jmol−1K−1]
dt : tube diameter [m]
dp : pellet diameter [m]
Di : Tube’s inside diameter [m]
Do : Tube’s outside diameter [m]
Dij : binary diffusion coefficient of component i in j [m2·s−1]
Dm

i : diffusion coefficient of component i in the mixture [m2·s−1]
Dro : Reaction’s outside diameter [m]
dp : particle diameter [m]
Ft : total molar rate for shell side [mol·s−1]
hf : gas-catalyst's heat transfer coefficient [W·m−2·K−1]
hi : heat transfer coefficient between fluid phase and reactor

wall [W·m−2·K−1]
ho : heat transfer coefficient between coolant stream and reac-

tor wall [W·m−2·K−1]
Ft : total molar rate for shell side [Mol·s−1]
ΔHrij : heat of reaction [kJmol−1]
K : conductivity of fluid phase [W·m−1·K−1]
Kw : thermal conductivity of reactor wall [W·m−1·K−1]
kgi : mass transfer coefficient between gas and solid phase for

component i [m·s−1]
kbei : mass transfer coefficient between bubble and emulsion phase

for component i [m·s−1]
L : length of reactor [m]
Mi : molecular weight of component i [g·mol−1]
N : number of components [-]
P total pressure [bar]
Pa : atmospheric pressure [bar]

Fig. 19. Three-dimensional profile of C5 yield of FR in terms of CH4/O2 ratio and temperature of OCM reactor.
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pH
sh : shell-side pressure [bar]

pH
t : tube-side pressure [bar]

: permeability of hydrogen through Pd-Ag layer [mol m−1 s−1

pa−1/2]
P0 : pre-exponential factor of hydrogen permeability [mol m−1

s−1Pa−1]
rc, j : rate of formation of catalytic reaction j [mol g−1 s]
rg, i : rate of formation of gas-phase reaction j [mol g−1 s]
Ri : inner radius of Pd-Ag layer [m]
Ro : outer radius of Pd-Ag layer [m]
Re : Reynolds number
T : temperature [K]
Tex : external temperature [K]
Tshell : temperature of coolant stream in fixed bed reactor [K]
us : superficial velocity [ms−1]
U : overall heat transfer coefficient [Wm−2 K]
Ushell : overall heat transfer coefficient between coolant and pro-

cess streams [W·m−2·K−1]
yi : mole fraction of component i in the fluid phase [mol·mol−1]
yis : mole fraction of component i in the solid phase [mol·mol−1]
yie : mole fraction of component i in the emulsion phase [mol·

mol−1]
yib : mole fraction of component i in the bubble phase [mol·mol−1]
Z : axial reactor coordinate [m]

Greek Letters
εb : porosity of catalyst bed
ρb : density of catalyst in the bed [g·m−3]
ρg : density of system gas [kgm−3]
αH : hydrogen permeation rate constant [mol m−1 s−1 Pa−0.5]
η : catalyst effectiveness factor
Ψ : shape factor
ΔHf, i : enthalpy of formation of component i [J·mol−1]
ΔH298 : enthalpy of reaction at 298 K [J·mol−1]
δ : bubble phase fraction
εB : void fraction of catalytic bed [-]
εs : void fraction of catalyst [-]
εmf : void fraction of bed at minimum fluidization [-]
y : volume fraction of catalyst occupied by solid particles in bub-

ble [-]
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