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Abstract — Natural gases generally consist of mainly '2C and about 1.1% of 13C. Tt is well known that a stable carbon
isotope, 1>C, has been widely used for the applications of medical, pharmaceutical, and agricultural tracers. As a result,
the development of the separation and concentrating technology of '*C can cause of high value-added products and the
possibility of the generation of new carbon materials. In general, there are two kinds of approaches to obtain a stable *C
isotope by the separation of cryogenic distillation. One is to obtain a concentrated 13CH4 isotope from natural gas.
Another approach is to get concentrated '*CO by distillation followed by a chemical reaction of CH, and H,O. In this
study, rigorous process simulations of the cryogenic distillation have been performed and analyzed for the concentrated
separation of '3C isotopes from LNG and NG by using commercial process simulator. Due to the very small differences
of relative volatilities and separabilities of '>C and '3C, the process design and operation of effective separation and con-
centration of '*C need special strategies and feasibility studies. Utilization of vapor pressure data to acentric factor in
SRK equation of state and optimized process conditions have been able to predict for the effective of the separation yield
and concentration of '>C for the cryogenic distillation. The various operation strategies for both batch and continuous
cryogenic distillation are also studied and suggested for the basic design of the process. Development of this study can
provide a tool for the effective design and operation of the cryogenic separation of *C.
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Fig. 1. Comparison of vapor pressure between 12CH4 & 13CH4 -L
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Fig. 2. Comparison of vapor pressure between 12CH4 & 13’Cl-l4 - 1L
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Table 1. Comparison between o, and oggy for optimized acentric
factor of *CH,

Mﬂxm%

W 13cH4 Osrx |0‘£qn—0‘s1u<\ o

Eqn
0.01112 1.003973 1.11x107 0.01105%
0.01113 1.004030 5.40x107 0.00538%
0.01114 1.004088 4.00x107° 0.00040 %
0.01115 1.004147 6.30x107 0.00627 %
0.01116 1.004204 1.20x107* 0.01195%

Table 2. Relative volatility and K-value of '>’CH,/*CH,

12CH, K-value K-value Relative
(Mole Fraction) (*CH,) (*CH,) volatility
0.0 1.002940 1.000000 1.00294

0.2 1.002350 0.999413 1.00294

0.4 1.001760 0.998826 1.00294

0.6 1.001170 0.998240 1.00294

0.8 1.000590 0.997654 1.00294

1.0 1.000000 0.997069 1.00294

b= 0.086641% 6)

c

a(T) = [1+(0.48508+1.551710—0.156130°)(1 - T  (7)

918] 5ol ofshd vz bis o Aol st AR
QA ] =roln, T, P2] rFolal a(Tx= T, P2t Reduced
Temperature T2} Acentric factor®] g=0]t}, & eIt A= BCH,2
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o]t} Table 20141 100 kPaolA] 2CH,2] ‘s5of whe 2CH,2} BCH,2
K-value 2 A3 52 eIt 100 kPaollA] 2CH,/BCH,2

AU oF 1.00294 9 & 5 Utk
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Table 3. Fenske/underwood calculation results of batch distillation

Reflux Duty (Mkcal/h)
R/R o NNy Tarys (N) ratio  Condenser Reboiler
50.500 1.010 1,003 12,000 -12.58 12.58
75.250 1.007 1,000 18,000 -18.75 18.75
100.000 1.005 998 24,000 -24 91 2491
124.750 1.004 997 30,000 -31.08 31.08
149.500 1.003 996 35,000 -37.25 37.25

Minimum reflux ratio (R,;,) : 236.53, Minimum theoretical No. of trays
(Npin) © 992.9

Table 4. Basic specification of batch distillation column

Number of plate 500

Top pressure 24 |kPa

Column pressure drop 14 [kPa]

Vapor flow rate 20 [kgmol/h]

Feed

Charge amount 1 [kgmol]
Composition

12CH, 0.99 [mol %]
BCH, 0.01 [mol %]
Condenser temperature Bubble Temperature
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Table 5. Condenser : stillpot = 50 : 50 (binary system) - Case 1

Feed Stage 1  Stage2 Stage3  Stage4
Product yield (%) 100.000  50.000  25.000  12.500  6.250
BCH, purity (%)  1.00000 195350 3.81457 7.44221 14.49248

Table 6. Condenser : stillpot = 82.217:17.783 (binary system) - Case 2

Feed Stage 1  Stage2 Stage3  Stage 4

100.000 17.783 3.149 0.556 0.093
1.00000 4.93071 23.84666 85.40621 99.43025

Product yield (%)
BCH, purity (%)

Table 59l4] H.O]:= Case 1(Fig. 6)2] A3}oll 13CH,2 E55
B 717g3t0] NS THEAL AHE 4AAIE AR 14.49248%
2 FZF5 1 Product= 2719 6.25%7}F =t} o|ue] Condenser
o] L= .175.985, Reboiler(Stillpot)2] 5= -171.744% A4t
ek 7] AvEEE 31 SR -1 Fig 67 720] 4
Wil (stage)] &F TP oE AT 4= ok 7 dAE 194183
HHE), 2%hA|(43] WES), 3EHA|(28] HHE), 49A|(13]) g o' F
153] HHE 5 15daye] &4 AR 1.000%2] *CH, Feed 24
S &2 4% slo] BCH,7) 14.49248%<1 0.5 kmol2] =&
Products- &5 4= 3t}

Table 6°l4] HO|:= Case 2(Fig. 7)W= 2719 BCH,Q 555
1.000% % 7173t G RARE A2 49715 AXH 99.43025%
2 5393 Product= 2719 Feed?] 2F 0.093%7} ‘F3=t}. Fig. 7
I} o] 1923] +343] +63] + 13] = F2339] ¥k = 233day?)
27 AIREOE 0.17783 kmols B 4= QlaL o|w2] BCH, %
99.43025%7} Bt}

LHA] Case 3, 4, 5°141= Condenser Holdup= Case 13} Case
29] S+ AR 65%, 15%, 85%% 319 Feedd] '*CH,S &%
1.000% = 7Fg38te] 3 BARE AW R 49A1S AXA 747t
51.10115%, 95.38173%, 98.86062% = 55511 Product= 2+t %
712l 1.346%, 0.391%, 0.160%7} ‘F=T. Case 3, 4, 58] 2t @A
oll419] Product Yield 2! *CH,2] §%1= 22} Table 7~9°114] YE}
Ul 5% A2k Fig. 9~110] YeRHQITH

o27}4] Condenser Holdup®l] e 37 XAF A3} QkS- Table 10

Table 7. Condenser : stillpot = 65:35 (binary system) - Case 3

Feed Stage 1 Stage2 Stage3  Stage 4
Product yield (%)  100.000 35.000 12.115  4.038 1.346
BCH, purity (%)  1.00000 2.70586 7.30668 19.60361 51.10115

Table 8. Condenser : stillpot = 75:25 (binary system) - Case 4

Feed Stage 1  Stage2  Stage3  Stage 4
Product yield (%) 100 25.000 6.250 1.563 0.391
3CH, purity (%)  1.00000 3.65380 13.26314 46.40834 95.38173

Table 9. Condenser : stillpot = 80:20 (binary system) - Case 5

Feed Stage 1  Stage2  Stage3  Stage4
Product yield (%) 100 20.000 4.000 0.800 0.160
BCH, purity (%) 1.00000 4.44875 19.52951 74.29939 98.86062

3lskast Hl453 HI1S 20074 2%

olef - upgl

1%t Operation 31 Operation
[ 3 kmol -
26 kmol . mo ,
mes e ¢S ]
: L e

C o -

2 Operation

4" Operation
L 9 1 klm l“me 0.35

9kmol e .

o “le==  Lkmol

Fig. 9. Batch distillation process operation strategy - Case 3.
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Fig. 10. Batch distillation process operation strategy - Case 4.
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Fig. 11. Batch distillation process operation strategy - Case 5.
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Table 10. Results of batch process simulation for various condenser holdup

Condenser Total feed Final product BCH, comp. of Product yield (%) Total No. of batch operation

holdup (%) (kmol) (kmol) final product (mol%) (Feed/Product) (Operation time, day)
50.000 8 0.500 14.492 6.250 8+4+2+1=15
65.000 26 0.350 51.101 1.346 26+9+3+1=39
75.000 64 0.250 95.382 0.391 64+16+4+1=85
80.000 125 0.200 98.861 0.160 125+25+5+1=156
82.217 192 0.178 99.430 0.093 192 +34+6+1=233
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Short-Cut Simulationg- ©]-851] HA7IAZHE & HEE-S 7]
3l FAL ZEFAL AR T AATIA o EdhEo] Q= ok
1.000%2] "*CH;& 10.000%7F4] Column 194 5&FA7]:= 3L
Ra siglvh. S EAPE o] 8aliA delel 4 ol&d=E 1,000
e 7S o mehe Ak, #HA o] ] Aks: Fell By
sk BeH,o s34 RaFoE 43 CH,E Feed 1
kmol/hE AHg-attar 71gakar SRSl PCH,S) F5 0.500
mole% = 3F31aL, BAIAIES] BCH,S] %= 10.000% = 3FSIT.
Tl oFEE 24 kPa, ©A1] HHE 38 kPa® S0 ARSI
RR, ol w2 w4, 354] 4l Heat Dutyi= Table 113} 2T},

Column 2 °413= ©F 10.000%2] '*CH& 80.000%7H4] EFA7]
= S 2EE stk FARAPIE ol 8aiA Eelell HH o
BT 10005 7o 2ahs HAgR], HA ] 3] Ake
ol FAAAE SITE PeH,Sl 53 REH A E 10%
BCH,E Feed 0.05 kmol/hE AHE-gthal g atar g4 212
BCH,?] 5 6.800 mole% = 815131, BAAIE] ’CH,9) 5=
80.000% = SIS el b2 24 kPa, ©A 2] ¥ 38 kPa

sto] BARSISITE RR 0l TS &7, $H7H] Bl Heat Duty:=

Table 11. Fenske/underwood calculation results of >*CH, column 1

Tarys Reflux Duty (Mkcal/h)
RRpin NNusiy (N) Ratio Condenser ~ Reboiler
1.500 1.547 1,156 210.555 -0.4222 0.4222
1.750 1.427 1,066 245.648 -0.4922 0.4923
2.000 1.348 1,008 280.740 -0.5623 0.5623
2.250 1.293 966 315.833 -0.6323 0.6323
2.500 1.252 936 350.925 -0.7023 0.7024

Minimum reflux ratio (R,;,) : 140.37, Minimum theoretical No. of trays
(Npin) © 747.4

Table 12. Fenske/underwood calculation results of '*CH, column 2

Reflux Duty (Mkcal/h)
RRmin NN Tarys (N) Ratio  Condenser Reboiler
8.000 1.067 1,033 697.291 -0.0703 0.0703
11.500 1.046 1,012 1,002.356  -0.1011 0.1011
15.000 1.035 1,001 1,307.421  -0.1318 0.1318
18.500 1.028 994 1,612.486  -0.1625 0.1625
22.000 1.024 990 1,917.550  -0.1933 0.1933

Minimum reflux ratio (R,,;,,) : 87.16, Minimum theoretical No. of trays
(Npin) : 967.3

Table 129} 7t}

Table 113} Table 1204 R.oJF50] Column 194 <k 1% 9]
BCH& 10%% 53k IO RR ;5 25 78 W) NN =
oF 1.348% &4 w1 1,0005h, Reflux Ratiot= 300°.% Column
20 4= oF 10%2 13CH4E 80% = FFH= BJOFE RR,,, T
152 79w NN, £ °F 1,0352 24 1,0006, Reflux
Ratiot= 1,500°.% 521 3133t} Column 22] Reflux Ratio”} 1,500
0@ 0]+ Feed RateZ} 4 2> k22 Column®] Sizing®]l

Pt A A IR (80% ©1d)e] PCH,E AATsE] figtelt)

Z712 Table 133}

Table 13. Specification of continuous distillation column

Column 1
Number of trays 1,000
Feed tray 50
Top pressure 24 [kPa]
Prssure drop 14 [kPa]
Feed
Rate 1 [kgmol/h]
Composition
12CH, 99.00 [mol %]
BcH, 1.00 [mol %]
Condenser
Reflux ratio [Mol Basis] 300
Column 2
Number of trays 1,000
Feed tray 50
Top pressure 24 |kPa
Prssure drop 14 [kPa]
Condenser
Reflux ratio [Mol Basis] 1,500
OVHD1
FEED Column 1 Column 2

Fig. 12. Schematic flow diagram for continuous distillation.
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Table 14. Feeds and products of *CH, column - Case 1

Stream name FEED OVHDI1 BTMSI1 OVHD2 BTMS2
Phase Liquid Liquid Liquid Liquid Liquid
Temperature (°C) -180.000 -175.985 -171.746 -175.983 -171.719
Pressure (kPa) 52.000 24.000 38.000 24.000 38.000
Flow rate (kmol/h) 1.0000 0.95000 0.05000 0.04750 0.00250
Molecular weight 16.053 16.048 16.147 16.110 16.841
Composition
12CH, 0.9900000 0.9950165 0.8946717 0.9317066 0.1919253
3CH, 0.0100000 0.0049835 0.1053283 0.0682934 0.8080747
Table 15. Heat duty and temperature of condenser and reboiler and

13CH, column diameter - Case 1 OvHD2
Column name Column 1 Column 2 oD
Condenser duty (Mkcal/h) -0.6040 -0.1500
Reboiler duty (Mkcal/h) 0.6041 0.1503
Condenser temperature (°C) -175.985 -175.983
Reboiler temperature (°C) -171.746 -171.719 FEED Column 1 Column 2
Diameter (mm) 1,219 628

23 ¥ T Fig. 120 JERIIYE Z42+2] Column®] Bottom
Product Rate™= 7} Column®l|4] Total Feed Rate2] 5% = 3} 11,
Rebolier?} Condenser®] Heat DutyS W3}3}0] Reflux Ratior= 7+
7t 300, 1,5000% W=RA7]AL §AFe] 942 24 kPa, HA19] 49
2 38 kPa® Y3t Y RALE AAIEISITE. 2 Column Diameter
+ Structured Packing® % Sulzer®] Mellapak 125.Y®= &3kl
sloAct.

A WA FHTAL A= Table 149} Table 150 UehAIT 3
% Product= BCH,2] ‘5% oF 80.81% 2 0.00250 kmol/hS] Rate
2 AHEE &l olF a7t sk 7P E 9 300
9] x 24 h="7,00 k0] 3L 7,200 h x 0.00250 kmol/h x 16.841 =303.1 kg ©]
B2 80.81 mol% &%=2] BCHS Wd7F 303.1 kefyr AATE 5= Q=
AL &4 5 A} ZF Column®] Diameter= 1,219 mm$} 628 mme
A= SATh

A AHA FF FYEARE 1% 2 232 Table 133}

Fig. 13. Schematic flow diagram for continuous distillation with recy-
cle stream.

Recycle A]7]aL Rebolier®} Condenser®] Heat DutyE *H 3}3}0]
Reflux Ratio™= Z}7} 300, 1,5000.% WHEA]7] 3L gAFe] e
24 kPa, B2 9452 38 kPaZ YH3lo] TAHRALE AT
7} Column Diameter= 31 /1A 73-9-2} »}7FA| 2 Structured Packing
© = Sulzer®] Mellapak 125. Y= J&a}ar -1},

Table 17. Heat duty and temperature of condenser and reboiler and
3CH, column diameter - Case 2

Column name Column 1 Column 2
#al 3% Fig 139 eI 2H2+2] Column®] Bottom Condenser duty (Mkcal/h) -0.6325 -0.1502
Product Ratet= 7} Columnoll4] 31 WA 7-9-2] Flow rate®} 2> Reboiler duty (Mkcal/h) 0.6325 0.1502
Rate® =, 0.0500 kmol/h, 0.0025 kmolV/h® 37783}31a1, 31 HA 4 Condenser temperature (°C) -175.985 -175.981
©.9] OVHD2 Stream®] 242 E13)] 1A oF 6.829%2] 13CH4 = Reboiler temperature (°C) -171.741 -171.713
w2 glst 2= 9t} Feed?) I3CH49] 1.000% BT} I 27 o] Diameter (mm) 1,248 628
Table 16. Feeds and products of *CH, column - Case 2
Stream name FEED OVHDI1 BTMSI1 OVHD2 BTMS2
Phase Liquid Liquid Liquid Liquid Liquid
Temperature (°C) -180.000 -175.985 -171.741 -175.981 -171.713
Pressure (kPa) 52.000 24.000 38.000 24.000 38.000
Flow rate (kmol/h) 1.0000 0.99750 0.05000 0.04750 0.00250
Molecular weight 16.053 16.051 16.204 16.166 16.925
Composition
12cH, 0.9900000 0.9922489 0.8364832 0.8749315 0.1059294
BcH, 0.0100000 0.0077511 0.1635168 0.1250685 0.8940706
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Table 18. Feeds and products of *CH, column - Case 3
Stream name FEED OVHDI1 BTMSI OVHD2 BTMS2
Phase Liquid Liquid Liquid Liquid Liquid
Temperature (°C) -180.000 -175.985 -171.743 -175.983 -171.716
Pressure (kPa) 52.000 24.000 38.000 24.000 38.000
Flow rate (kmol/h) 1.00000 0.99564 0.06807 0.06372 0.00435
Molecular weight 16.053 16.049 16.157 16.111 16.838
Composition
12CH, 0.9900000 0.9935156 0.8844319 0.9314984 0.1955796
B3CH, 0.0100000 0.0064845 0.1155681 0.0685016 0.8044204
Table 19. Heat duty and temperature of condenser and reboiler and Al A FAEAF A3= Table 182} Table 1901 YRt} F

13CH, column diameter - Case 3

Column name Column 1 Column 2
Condenser duty (Mkcal/h) -0.6313 -0.2015
Reboiler duty (Mkcal/h) 0.6314 0.2014
Condenser temperature (°C) -175.985 -175.983
Reboiler temperature (°C) -171.743 -171.716
Diameter (mm) 1,246 720

T WA ZHEA} A= Table 168 Table 1701 JERACE H
% Product= BCH,2] §5E °F 89.41% % 0.00250 kmol/he] Rate
2 RS o ¢ ik o5 1Az sk 7Y S 300
9 x 24 h = 7,200 ho] L 7,200 h x 0.00250 kmol/h x 16.925 = 304.7
kgo] P Z 89.41 mol% =2 BCH S A7F 304.7 kefyr AAIE 4=
W= 718 2= 1Tk 7 Column®] Diameteri= 1,248 mm$} 628 mm
2 AREE L. Recycle®] = Flow”} 41322 Column 12] Diameter

H*

O

7F 3 A9 Bk oK AR 2 2 4 Ak
A A A S BYRAE % 8 202 F w24

3} 231 FAE+= Fig 139 YERISITE ZHE2] Column®] Bottom
Product Ratel= Z} Columnol|4] 31 A 739-] Product®] '*CH,2]
59} 8]5=351A] 3= Flow rate® Z+Z}; 0.0681 kmol/h, 0.00435
kmol/hZE &}81 31, OVHD2 Stream= Recycle A]7] 1L Rebolier2};
Condenser®] Heat DutyS ¥3}519 Reflux Ratior= 212} 300, 1,500
o7 WEAIZ) AL B SFEe 24 kPa, §AY) §HEE 38 kPa®
Aol FHEARE A8 ZF Column Diameter= 31 #AY
7392} v A & Structured Packing® % Sulzer?] Mellapak 125.Y
= Iak Fasch

Table 20. Results of continuos process simulation for various case

% Products PCH,2] 55E oF 80.44% % 0.00435 kmol/h®] Rate
2 ANEES & 5 A 015 17 stk 7Pg e 749 3002
x 24h=7200h0]3Z 7,200 h x 0.00435 kmol/h x 16,838 = 527.4 kg ©]
U2 8044 mol% 52 PCH S ATF 5274 kefyr RIS = Q=
A& & 4 AUt ZF Column®] Diameteri= 1,246 mm®} 720 mmz
AXEEISICE. Bottom RateZ T WA -1}t 7 311 Column 22
Diameter} -~ W14 Z-¢- B} 24 AAE 2 & F AUTE A
HA AR} 7 A, Al AR 7390l Recycle Stream©] =43¢
o Column Diameter’} #1A|3L X Duty?} S7FHA|RE 7 AR 7
Product Flow RateQ! ! M4 AR} 7% % 2] Product
I A AR Aol 3 A A9} vt Fo]
01 S7FHE & 5 ol o5 AElshd Table 207 72

52 B

A

-

R

B Aol = LNGZYE PCH/’CH,E T4 57 373
2 ¥ S 918 B Anel vlusta s A
el oJgt BCH/PCH, w2l s571&e] A2 EE wolaat
T}, SRK A2 2] Acentric factor 3t} o12] 714 B4
Z=3}3 02 A L3alo] A 5 FARAE Eslo] =4
HAFH4AE $8ll Condenser®] Holdup?ll Whe 55 =5
3133t} Condenser Holdup®] 2F 82% <1/ 74-$- 99% o)’
=59 BCH,o HF Products ¢S = AUt 04‘/‘\‘/51 5t
FALE 3= 72 ColumnollA] Bottomell M= 24 W=
AA=d oF 1,0005+H2] 2 Column®] A4 S+ %Xé =
Product RateZ- 2= 392 Recycle -1l W2} oF 80% 2

%

}_

> ol

lﬂ
2 32

N mg Ohjgrum g

o 4y ok R4 2

13CH

Case 1 Case 2 Case 3

Column 1 Column 2 Column 1 Column 2 Column 1 Column 2
Condenser duty (Mkcal/h) -0.6040 -0.1500 -0.6325 -0.1502 -0.6313 -0.2015
Condenser temp. (°C) -175.985 -175.983 -175.985 -175.981 -175.985 -175.983
Reboiler duty (Mkcal/h) 0.6041 0.1503 0.6325 -0.1502 0.6314 0.2015
Reboiler temp. (°C) -171.746 -171.719 -171.741 -171.713 -171.743 -171.716
Column diameter (mm) 1,219 628 1,248 628 1,246 720
Final product '*CH, composition (%) 80.807 89.407 80.442
Final product rate (kmol/h) 0.00250 0.00250 0.00435
Product amount per year (Kg/yr) 303.1 304.7 5274
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