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Abstract-— The research is carried out for the optimal design of deethaniser process for natural gas separation. In order
to calculate physical properties of low boiling components in supercritical state at normal operating. conditions, Peng-Ro-
binson equations are modified based on the design and operating data. The physical properties from the modified Peng-Ro-
binson equation shows less than 3 % deviation comparing with actual design and operation data. Steady state simulation is
performed for conventional deethanizer process as well as optimal decthanizer process using PRO/IL. From the view point
of energy saving, pinch technology is utilized to evaluate capacity of cold box system. Using the simulation results, capital
cost for each process is evaluated based on US Houston Gulf Cost and operating cost is calculated in the basis of utility
consumed. As a result, the capital cost and operating cost for the proposed process is reduced 12.3 % and 10.2 % respectively.

Key words : Natural Gas Separation, Optimal Design of Decthanizer, Pinch Technology, Super Critical Components, Simulation

LA 2 2 Qs 4rie] AAHE HusA sisich 19919 19 19 A A
A A 7hx A=) 7hA) 4= Table 15} Z2cHOGI{1)).
2, B g F8AT AA ZF 2ol dijt FAE oS 2ol A 7kAE ©A A8 2 AMsled 2A4A] 43 Hd
7485 3 g1l AA oA Hed 7hart A AlAY oAl A
o] AR BE-L d Z7kshs FAjolch olel wje} ke 2 A - Table 1. Proved reserves of natural gas(basis: January 1, 1991)
A 7ka A A7) AME A AR NEH e Fold Aol Amount reserved Percentage  Availability
o} A 7o) AdAel AH-L HEE A = A7) AR Area (million bbl) (%) (years)
olZojm o, 1 o] F ol ¢F 130 A vIFelA] 22 iAo North America 336.541 8.0 115
2 AME gt 2o de ARkE 0|43 Ax rhie 1 1EE T Mid/South America 169.540 40 67.0
3 gled, AA A1z WA Fole ZSarsHE AZdch Western Europe 175.265 4.1 27.0
1930 o] & ol ulytw A 7l §4 9] Mikat g A2 s}e] Eastern Europe/Russia 1,619.000 38.5 60.5
= zlolg £% 4 7|e) ML o2 1 9HL AR A} Middle East 1,324.265 315 73.0
et A2 AAA o) Folle AlE 7k (/e FAE A T2 Africa 285.143 6.8 275.0
’ Asia-Pacific 298.561 7.1 68.0
' E-mail : i28019@Igen.co.kr Total 4,208.315 100.0 58.0
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Fig. 1. Process diagram of natural gas separation process.
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Aste) o]F FAL F AR A 7120 A ¢ neii] dehA]
Al eHCrum} Dryer[3]).

3. Ol 3l SH A Uy

3-1. J|&EQ] Ui (Scheme I)

71E9] ARAAFAHL a1k, AL Ao E4E SF3 9
22 CY AE-g Bejsls FALE J 7]atez QAR o]
HE AL FH/E S5t &R Au)7](reboilery} F-3se] 9l
o, kel 2%7)(condensery} H-2E]o] glch. g o)A ¢}

& 33718 &5 G 19 CH R $57]9 5= 157, Ay
718 &%= 93°Celt. ’A <A AAHE 15°Co 7] A A2 =t
e Y22 WA 22 3§ (hot stream)Fte] A &g F3}
o 257} AR2(25 TRl £2h2kth. o] & ojgt A4 ol e
Wl &g sy 8 5 glen L& R sl ¥ e

HWAHAK KONGHAK Vol. 36, No. 2, April, 1998



338 A - & 1l

ETHANE PRODUCT

TURBO EXPANDER

‘ NATURAL GAS

REFRIGERANT j

-l
[‘T__:]
' |

~ Bes
REFRIGERANT __)

Fig. 2. Scheme I: Conventional process scheme.
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Fig. 3. Scheme II: Developed process scheme.

dlole] 2 Ahsiginh. 2R 3AL 9 A4S fFte] ARSE Adrks
2] AL Table 29} 2t} A2 AA Whylol gl = 22 X=
L3ko] FAL 7)1F2 2 shlon AME AR JA] 2L S M
3l et

kAl AR =27 (sizing) Y W4 AAl(rating)= Fo13 3A =
AstellA] A A} GlitschAl2] Design Manual(Glistch[5])ef] <]
Asted A=} AlAtE 23, Scheme 19] oRA| AT 27+
A 2o] 3,353 mme| I Eo]= 54,100 mm e vpepte}. ghe] B 55
whe] wiy ho g FAs|e] gl onf ©zke] Ae(tray spacing)y= 610

Table 2. Composition of natural gas

REFRIGERANT

C3/C4 PLUS GASOLINE

Component Composition, mol%
Co, 13.52
N, 1.60
CH, 68.95
CH, 8.69
C;Hy 4.62
i-C.H,o 1.07
n-CH,, 0.94
i-CsH;, 0.28
n-CH,, 0.17
Cs 0.12
C. 0.04
H,0 Note 1

Note 1. Max. 71b/MM SCF
2. Mercury: 0.04 microgram/Nm’.

mmo]ch. A4 5F-E 2passo]n] 2t ©F 7| BF9 §HY A=
2F 0.017]3to]c}. Scheme 119} AFAIATS] A Fo]= Scheme 12}
220 (54,100mm) A& Freel 3¢ 1,910 mm, AL 3,250
mmolct. § ko) A4} 5.5 F5 FA oM 1pass, @7 TAHL2
passo]t}. Scheme 119] 7ol = W8 & Mo 5 34
<13 %, 24 FAHL 290 o|FoA gt d 7|13 B2

o}2] 735} Scheme I3 Z+& 0.017]3H2 Jelin}. 5 A% 2%
A Aot F8AA] AN &4 §3ke] o 40% AR A ]
of stz -2 W7l | Wy g ARSIt o= o AA
of] 3l =27]of| cis}ed Table 3ol 7)&3tsic).

Scheme I7} Scheme I19] TA RALE ¢1¥le] PRO/MI(Simulation
science[6]) ZA1E AHE-3lSAch 34 RARs AA 2R3l A
Aeol] tste] S8t on] YA Al I 93 AL
A3 &S 915k 4-10ll veld vls} o] Peng-Robinson 2
& $AsA ARgsigch WAAe] dEE H &R A3 &5
2 AlAkel7] $18le] pinch technologyell 7]%&%F Linhoff MarchA}2]
SuperTarget™(Linhoff Match[7]) software 2 A}+2-8}¢]c}. Scheme 17}
Scheme [19] 7} FgAbx]e] Exp)e= IcarusAle] TPE™(Icarus[8])
software S A-8-3}9] 2.7 US Houston Gulf CostE- 7|E2 2 sl 7|
Atslgict. EAv| e gt e S FAHARAE B3l A
Ab}aL ool 3} A E ubed alo] A= KAt

4-1. MATIA HA| N2| ZH AWY

A7tz A A FAL A2 FA A9 el et =
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Table 3. Comparison of equipment size of each process scheme

Process scheme Scheme I Scheme II
Columns
Deethanizer column(TT X ID), mm 54,100 3,353 54,100%1,910/3,250
Heat Exchangers
Overhead condenser duty, mmkcal/hr 5.20 4.02
Reboiler duty, mmkcal/hr 6.47 6.21
Inter-condenser duty, mmkcal/hr - 1.93
Deethanizer OVHD accumulator, m® 23 17
Deethanizer Inter-condenser accumulator, m® - 20
Pumps
Deethanizer OVHD reflux pump, m’/hr 226 171
Decthanizer Inter-reflux pump, m’/hr - 209
Refrigeration system
Refrigeration package, mmkcal/hr 8.80 6.63

B oA ghabs S o2 32 7HEIci(Denton®} Rule[9]), White
[10]). €3], A4 =%} (recontactor column)®] 7%, CO%} vk F=
FAE AR AAsRed, o]F =AY & A Y
287} B el

et T4 2dd] g Balel] AMEE Y x5 E 7] A%
o o}=l|¢} 78 Peng-Robinson 2] (Reid £-[11}, Peng} Robinson{12},
Kwak3} Anderson[13])}2 A-&, 318}dl] Asl 2 £l A3}
et

7°~(1-B)Z*+(A-3B*-2B)Z - (AB-B’-B% =0 6}
B= l‘:_‘; ©)]
a= 045724 [ R;T”z ] o @
o= 1 +m(1-T?) ®)
b=0.0778 [—lgi] ©)

$1¢] o4k ]l Peng-Robinson Abe Wb A] & 4] (S)= EA1ZHe]
AHE w8z 229 Fgeolct A whA]e] st = o] alpha
formulationel] wj-¢- =2A] F$= wepr] £ Qe AL, 2%
Nx8) A AFHE(CO,, N, CH,, GHypoll & ZEE m gh& 43
3ok m g2 dA) 4 Fd A 82} GPA Data(Gas Pro-
cessors Assoc.[4DE FER 3o 37 FAH-S A8l A slg]
ch 2904 A3 m FHE-S Table 49} 7t} o]} 7o) F35}aixl o
et ARE AMSEle TARAE 33 Ad AA AR g}
2] 237} o9 22 3 %) & 5 et

4-2. OISR 21 Ay SE Jly SR

Table 4. Value of m for supercritical components

Components T, K P,, bar m

CO, 304.19 73.82 0.7165
Nitrogen 126.25 33.94 0.4435
M-Ethan 190.55 46.00 0.3907
Ethane 305.45 48.84 0.5241

&S H36A Hi2& 1998 43

Fig. 49} 50 shjollA] A=) 7149 258 vehlidel $q7%
BAA Hhe] 7V o] £5E kY 7dah, HUhe] jet ooding
percent, ¥7bA 2] T3} -2 3t A4 (hydraulic calculationyg A4k
sted g4-oln weha] iy Al 2 43] AA e wl¢- F8
3t 8 Aolch(Kister[14]).

Fig. 49} 7% 2] AHE 2(1-135h)0ll412] Scheme 119] HAF) 3
2.2 Scheme 12} 2F 60 %o E3}3}c}. =& Fig.59] 7|4+ 382 4
9o} & Scheme II7} Scheme 12] oF 64 %o|c}. o9} 7H2 AHE wl
338}od Scheme MI2] A% HFro)E AASHA ¥4 7 (inner di-
ameter)o] 1.91 meo]=} Scheme I2] 3.253 me} v]irs}ed of 58 %= v}
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Fig. 4. Liquid flow profile in deethanizer column,
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Fig. 5. Vapor flow profile in deethanizer columm.
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Table 5. Comparison of equipment cost of each process scheme
(Unit: 1,000 US$)

Process scheme Scheme I Scheme I
Deethanizer column 1,126 825
- Overhead condenser 322 276
Reboiler 234 233
Inter-condenser i - 56
Deethanizer OVHD accumulator 87 66
Deethanizer Inter-condenser accumulator - 101
Deethanizer OVHD reflux pump 66 55
Deethanizer Inter-reflux pump - 29
Refrigeration package 950 800
Total 2,785 2,441

ehdr}. Scheme 112 Atz 714ke] EFo) Scheme I3} W]S3}A
Zre- gAY A-$(14-55¢) Scheme 13} 22 7jEo AT
4= 9lt}. m}2}A] Scheme I19] 734 F5He) 252 A 3t €4
eo] 2) 8- 4} Scheme 2] 59} =7|7} A shed & A A
A B7HE 29 4 ek Table 5V vheld wle} ko] US Houston
Gulf Cost& 71202 3}9]-2 uj Scheme 19} 7%~ oRAAT ] A
2} g7 1,126,000 US$e] = Scheme 1] 73-$-= 825,000 USSE -+
AE o 26.7 %S 47T 4 Slth

o]9} ZH& |2 Scheme FAH| 9] SRR ohzt A A
o] "7}oll T 7]d3e}. Fig.49} 5ol B 25 Zo] Scheme 114
7%, & AR 714k A 5o zton o) Rel¢] B8¥
g3 94 2Ahs A ou|gct. old) uje} g AAEL] ¢F
T} g 22719 4L 9% x| 9} ul4o] Scheme Il ¥]3}e
Ayeys] Az} Ab7) Fig 5914 B ulel 2to] 53] 98 2] 4]
oA e] 1A BE7 A} 55| oFo] Scheme I3} vl 3}e] vl-§- 2}
the e 4 4 9ot guitdeg wgte] SRS AEERS
B3 Ar4=e] gt 2o)7} eu 2 FFol o7t #elr} ulEgHol
ol2] gt %ol F5-2A40! R Held A5-& Yehdch(Gas Pro-

cessors Assoc.[4]).

4-3. OfiX| &= 3 w2t

NHAAZAE EF T HF YA L 7] AuE AR
t}. Scheme 12 ofjgtA] A &2 & QA Bo] 7jakeoz A= Y
ZHellA] 22 S (hot stream)t o o] o] Foil F AR
t}. o} A HF AN B2 FLTo] Dol AL}, Scheme I
2] A4 A AABo] Aoz A se] dAtdA] 714 eE bt

£ Fd3} dodo] 7 B E 7] Gughe] o] 85 wepA Yz}
ol TF=E W] Adule) fako)] £o1EA ). M2 Scheme
o142 #de] e 0.32 mmkeal/hro] 2, Scheme 19|41 9] zhage)
32 1.31 mmkcalhr 2 2} 4ujj2] xje]7} v el Ad3he oluiA]
£ 29 9l

Fig. 65} 72 Scheme I3} Scheme I1¢] o|etA| A5} & AWAE
7} w2 3 E7e d7#S 72§ ¥, Heat Composite CurveS- 18]
o)™ Fig. 6-7¢l14] B u}e} 7ro] Scheme IoljAi& 2} 3.60 mmkcal/
hre] Qg AA7] fsted 2ol i WE Auirt 9831,
Scheme Mol 4] oF 2.61 mmkcal/hre] G3H& A A3)7] A% $5 4
v]7} g 8 31A) €t
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Fig. 6. Heat composite curve in the cold box(Scheme I).
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Fig. 7. Heat composite curve in the cold box(Scheme II).

Table 54l viehd ulel o], HE Adn|ol] gt Fxpu)e] S04
Scheme 12] 73-$- 950,000 US$, Scheme II+= 800,000 US$7} 4~ 2.5
o] Scheme 07} oF 15.8 %) A& Hdt 4= gct. W5 it
7} £A4u)E Table 6%l vielyt ulel 7Fo] Scheme IollA= 1,320,000
US$ido]w, Scheme T 995,000 US$M37} A& 2%)o] Scheme 117}
ok 24.6 % A% $AUF EY 4 Ut} ol A4S vt YA B
Wuf Ao} Farl 28] 9 2X6)6) vl Z de £ AYS
& 4= 9t

Table 6. Comparison of operation cost of each process scheme
(Unit; 1,000 US$/Year)

Operation cost Scheme I Scheme 11
Heating cost 971 932
Cooling cost(Cooling water) - 29
Cooling cost(Refrigerant) 1,320 995
Miscellaneous 978 978
Total 3,269 2,934

Z : (1) Table 59l viehd Sxpule olRbAAS o 98] FA Al Fxju] A
Zell & Fol vlmy Ao A A3, Fe|u29 P43A, A
AA AL AT L2lA a2l n ST FAE At

- : (2) Table 60l ebd 2404 o RbRAIAR} 2 7919 FH ol HHE FIL A
22 Axe] AL ¥R AA st $8] FA9) Aok o2
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4.4, Scheme I?} Scheme IT2] FEXIH| % 2%H| H|w
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: dimensionless parameters for equation of state
: dimensionless parameters for equation of state
: pressure [atm]

: critical pressure [atm]

: temperature ['’K]

: critical temperature [’K]

: reduced temperature {T/T,]

: compressibility factor
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: gas constant
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