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ABSTRACT

Lateral and axial gas phase mixing have been measured in the annular section of an annu-
lar fluidized bed which was constructed from two pieces of 7.6 cm-diameter and 2.54 cm-dia
meter plexiglass cylinder.

Effects of gas velocity, particle size and weight percent of added inert particles on gas
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phase mixing have been determined. For lateral mixing, a diffusion type model was proposed

to analyze the present system and Schugerl model H was employed to calculate the axiak

gas mixing coefficients.

Both gas mixing coefficients increased exponentially with gas flow rate. Lateral gas mix-

ing decreased with particle size. The addition of inert particles increased lateral gas mixing

however, the reverse trend was observed for axial gas mixing with the addition of inert

particles.

Axial and lateral gas mixing coefficients were correlated in terms of gas flow rate and

particle size in an annular fluidized bed.

INTRODUCTION

In gas-solid fludized bed reactors, the in-
tensity of gas mixing which is closely relat-
ed to the mixing of solids is one of the most
important factors to influence the selectivity
yield, and chemical reaction conversion espe-
cially in complicated parallel and series
reactions. There, gas and solid mixing, CTD
(contact time distribution) and RTD(resi-
dence time distribution) have been studied
extensively.!*® Three tracer techniques have
been employed namely, unsteady state injec-
tion of tracer in one dimension, continuous
injection at a point, and continuous injection
at a plane in the fluidized bed. Annular flui
dized bed reactors would be an attractive
configuration where uniform temperature
gradient and high heat transfer rate are
important, as in the two chemical reactions
take place simultaneously. For instance, one
reaction is exothermic and the other is
endothermic, it is desirable to take advant-
age of heat recovery from exothermic reac-
tion zone to endothermic zone by means of
annular shape reactor. Although many inves
tigations have been reported on gas mixing
for gas flow through fluidized beds of circular
section, no experimental work is available in
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the literature with regard to gas mixing
characteristcs of an annular fluidized bed.
Experimental data on pressure drop in fixed
and expanded beds of annular section have
been reported by Kasthuri and Laddha,” An
annular type fluidized bed for solids feeding
device has been developed by Chin et al.®

When two sets of closely graded particles
differing only in average size are mixed and
fluidized by a gas, the resulting mixture has
a minimum fluidizing velocity, vnr, interme-
diate between those of the two components.
Rowe and Nienow® determined the wv.r of
multicomponent particle mixtures, Cheung et
al.!” and Wen and Yu'V have been measured
vas variation with the change of fluidization
conditions. The total pressure drop, pressure:
drop profiles, bed expansion and bed porosity
for a variety of binary mixtures over a wide
range of gas velocities have been studied by
Chiba et al.'® in a circular fluidized bed.

In this study, the addition of inert particl~
es in the bed of solids on gas phase mixing
in an annular fluidized bed are also reported.

Aralysis of Lateral Dispersion

Gas mixing in the lateral direption is
unique in annular fluidized bed, and these
mixing phenomena in the annular section
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Fig. 1. Schematic Diagram of Lateral Mixing Model

Air

A : Outer Bed B : Inner Bed

C : Distributor D : Air Box

E : Cyclone F : Rotameter

G : Regulator H : Manometer
I: Pressure Tap J : Sampling Tap
K : Tracer Injectien L : COz-cylinder

Fig. 2. Apparatus

may be explained by the tracer movement.

A schematic diagram for lateral dispersion
shown in Fig. 1 which can be used to faci-
litate the understanding of tracer movement.
Tracer injected into the annular section is
mixed axially and laterally by means of air-
bubble flow and thus if the tracer is injected
such that considerable concentration gradient
is established according to the axial direction
as in the case of plane source, then gas mi-
xing in both direction should be considered.
However, tracer is injected into one point of
the one side of the annular section and it is
sampled in opposite side, axial dispersion may
be neglected with respect to lateral disper-
sion. Except for the position of tracer injec-
tion, the direction of concentration gradient
is alternating with axial coordinate until
about half of the lateral direction and bevond
the half, the concentration gradient is agai-
nst the convective flow direction which is
large enough to neglect the effect of axial
dispersion.

Thus, to analyze the mixing mechanism in

lateral direction in the annular section, a
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simple model is introduced with assumptions
of

(1) end effect of the bed is negligible,

(2) steady-state condition is assumed, and
this condition can be achieved by step
injection of tracer,

(3) concentration profile in the radial dir-
ection is flat,

(4) axial dispersion effect is neglected in
determination of lateral dispersion coeffi-
cient,

(5) adsorption effect is neglected by using
nonporous particles(non-catalytic),

(6) the symmetry of tracer concentration
gradient in lateral direction in both sides
of the tracer injeciion point.

According to the above assumptions, mate-
rial balance of tracer in segement dV can
be modified as

2Ca

"ot

#Ca .. 0Ca Ca
s~ Vaz T Dz

€]
At steady-state, with the 4th assumption,
equation (1) can be written as

0Ca 3%C4
which is the model equation to obtain lateral

mixing coefficient. The boundary conditions
for this equation can be set as

= Dy

V-

0Ca __ .
5 = 0 at 6 =0 3)
oCs __ _
== 0 at 6=1 “4)
Ca=Ca at Z =<0 (5)

where Cao is tracer concentration in the bed
at which tracer is completely mixed with
fluidizing gas.

The initial concentration profile of tracer
around the injection point can be obtained
by exponential decay form, i.e.,

Cai=C exp (—0%) (6)
in which N was determined by repeating the
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iteration for various N values until overall
tracer concentration C4 Wwas obtained at
infinite distance Z, whatever dispersion coe-
fficient and gas velocity may be employed.
The model equation was solved with the
boundary conditions by means of the nume-

rical implicit method.

EXPERIMENTAL

A. Apparatus

The schematic diagram of apparatus is
shown in Fig. 2. It consists of annular
column with sampling taps, pressure taps,
cyclones, distributor and gauges for meaure-
ments of air wveloccity, pressure drop and
tracer injection rate.

Column and Distributor

To make annular fluidized bed, 2.54 cm-ID
plexiglass cyclinder was concentrically
mounted inside the 7.62cm-ID plexiglass
cyclinder and its equivalent diameter(Dy-D:)
is 4.4 cm. The bed height is 120cm for both
columns.

The solid particles(74-2504) were supported
on a ceramic sintered distributor which
made of 74 u glass particles and it served as
the gas distributor.

Oil free compressor air was fed to the
column through a pressure regulator, filter
and calibrated rotameter. It was admitted to
the annular section of the bed through a 2.
54 cm pipe in the air box.

Two pressure taps were mounted flush
with the wall of the column at the bottom
and the top of the column height. The static
pressure drop of the bed was measured with
a liquid manometer.

The solids used were either 74, 105, 180,
and 250 # pyrite with density of 3.38 g/cm3.
The unfluidized bed height was 40cm. The
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Table 1. Summary of Experimental Conditions

Annular Fluidized Bed

Inner Diameter : 2.54 cm-ID

Outer Diameter : 7.62 cm-ID

Bed Height : 120 cm
Air Box Height: 15¢cm
Gas Velocity Range : 3-40 cm/Sec
Solid Material : Pyrite(0. 074-0. 25 mm)
Mean Density of Pyrite : 3.38 g/cm3
Minimum Fluidization Velocity : 1.02-5. 25 cm/sec
Inert Particle : Glass beads (I mm)
Weight Variation of Inert Particle : 5-15 %

added inert particles used was 1 mm glass
beads with density of 2.5g/cm?.

Seven tracer sampling taps were mounted
the opposite side of the tracer source at Scm
height intervals. Each tap equipped with
valve and a rubber tube to connect the sam-
pling bottle.

Details of the experimental conditions are
summarized in Table 1.

B. Tracer Measurement Technique

Air was introduced into the bed of solids
at the desired superficial gas velocity. When
steady-state was reached, tracer, CO, gas
was injected into the bed by way of step
function through the injection point which
is located 1.5cm above the distributor(point
source).

The concentration of tracer was monitored
by gas chromatography from the samples of
CO,-air mixtures taken at various height of
sampling taps.

For axial gas mixing experiments, five
seconds pulse of tracer was injected into the
air box for even distribution(plane source).

Pressure drop in the bed also measured by
means of a water manometer which is conne-
cted to the pressure taps.
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Fig. 4. Effect of Particle Size on Lateral Gas
Mining

Same experimental procedures were also
repeated in order to determined the effect of
the added inert particles on gas mixing in
the annular bed. The content of inert parti-
cles was varied from 5 to 15 wt. %.

RESULTS AND DISCUSSION

Gas mixing was examined in both directi-
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-ons, lateral and axial, with the variations of
particle size, gas velocity and contents of
.inert particles.

1. Lateral Gas Mixing

Tracer concentration profile and degree of
:gas mixing along the bed height illustrated
the degree of gas mixing in annular fluidized
bed.

The trend of gas mixing with bed height
‘was nearly identical with different particle
'size(Fig. 3). The degree of lateral mixing
decreased with increasing particle size at
given gas velocity.

Effect of particle size on lateral gas mix-
ing may be seen in Fig. 4. The degree of
lateral gas mixing increased with gas velocity
and it decreased with particle size.

The non-uniformity of gas velocity in radial
direction is responsible for the spread of the
hydrodynamic RTD and gas mixing in flui-
-dized bed, and considered that RTD is also
influenced by mass transfer between bubble
and emulsion phases.®5!® In an annular
fluidized bed, gas mixing of lateral direction
may be similar to that of radial direction in
-a fluidized bed of circular section. The gas
velocity in side the bubble phase may differs
from that of the rising bubble. This velocity
-difference may attribute to the driving force
of mass transfer between the two phases. In
.addition, there is diffusion between the
‘boundaries of the two phases due to the
-concentration gradient of bubble and dense
phases. The mass transfer due to diffusion as
a function of bubble size and diffusivity has
‘been developed by Baird and Davidson!®
Mass transfer due to velocity gradient found
‘to be increased with particle size and gas
flow rate.®

Lateral gas mixing coefficient increased

Zist3e M9 M 43 1981 8%
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Fig. 6. Effect of Gas Velocity on Lateral Gas
Mixing Coefficient

exponentially with gas velocity at given
particle size(Fig. 6). The difference of
coefficient between smaller and larger par-
ticle systems was reduced with gas velocity.
It has been known that bubble size in the
bed of smaller particles is larger than that
of larger particles at given gas velocity. Thus
velocity gradient in the bed of smaller par-
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ticles is higher than that of larger paricle
bed. However, the mass transfer coefficient
«due to diffusion is proportional to dp~*
‘That may indicate that diffusion effect on
‘mass transfer decreases with gas velocity in
the bed of smaller particles. On the basis of
present findings, the effect of diffusion on
mass transfer may be stronger than that of
-velocity gradient.

The lateral gas mixing coefficient may be
expressed in terms of fluidization number
(Ve/Vus) for all particle sizes(Fig. 5). The
lateral gas mixing coefficients increased ex-
ponentially with fluidization number since
the mixing is mainly caused by gas flow
rates in the beds of all particle sizes. In
addition, gas mixing may be strongly caused
by the bubble motions during bubble coale-
-scence and disintegration. However, it has
been well known that the bubble size may
grow with gas velocity in fluidized bed.

In a fluidized bed reactor, the presence of
large gas bubbles may lead to a reduction in
gas-particle contact and thus to reduce pro-
cess efficiency. In large reactors it is necess
ary to enhance the contacting of the compo-
nents by increasing bubble population through
the use of fixed baffles or screens'® within
the bed. However, this internals have several
drawbacks such as particle attrition, higher
power consumption and higher equipment
«cost. Therefore, the concept of mobile bubble
‘breaker have been developed.!6:1?

With the concept of mobile bubble breaker,
1mm glass beads as the breaker was added
in the bed of pyrite particles with weight
variation of 5-15%.
the rapid mixing zone lowered with the

As we may expected

.addition of inert particles as shown in Fig.7.
As particle size reduced from 250 to 74 g,
the degree of gas mixing was more pronoun-

ced by the addition of inert particles. With
the addition of inert particles, larger bubbles
may break up to smaller one, therefore,
velocity gradients between inside the bubble
and rising bubbles become smaller. When the
gas velocity gradient and bubble size are
small the contribution of diffusion between
boundaries of two phases, bubble and dense
phases, on mass transfer coefficient increased
at the given gas velocity. Thus, dezree of
gas mixing increased sharply in the bed of
inert particles with decreasing particle size
(Fig. &).

At lower gas velocities, added inert parti-
cles are almost rested in the lower part of
the bed, slightly above the distributor, which
is termed as “Jetsam”!® which is acted as a
part of a distributor.

At higher gas velocities, some of the ad-
ded inert particles are fluidized with the
particles in the bed, Floatsam.!? From the
visual observation, there are Jetsam and
Jetsam-Floatsam areas appeared in the bed.
These partial mixing of the solids may
improve gas mixing by way of breaking
bubbles. These partial mixing zone becomes
broad as the increase of amount cof inert
particles and gas velocity(Fig. ¢). The
effect of added inert particles on lateral gas
mixing increased with gas velocity and it
decreased with particle size as shown in
Fig. 6.

2. Axial Gas Mixing

In axial gas mixing experiments, residence
time distribution measurements were made
as described earlier. In order to obtain axial
mixing coefficient, Schuger]l Model H» was

employed.
2 3
2 - __ 7 —_—
7= P, T Pe @
in which o¢? and Pe are second moment of
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tracer response curve about the mean and
Peclet number, respectively.

The mechanism of gas mixing in axial
direction can be ,interpreted as the same
manner of lateral gas mixing. Bubble pro-

et Zat HI19H H 4% 1981 83

_PARTICL’E DIAMETER

Fig. 8. Effect of the Inert Particles on Axial Gas

Mixing

perties and velocity gradient between bubble
and emulsion phases are the major factors
to influence axial mixing in fluidized bed.
However, in this case convective mass trans-
fer due to velocity gradient may be more
important than that in lateral mixing.

As may be seen in Fig. 9, axial mixing
coefficients were much higher than those of
lateral mixing. The coefficient increased
exponentially with gas velocity. It may be
attributed to the concentration gradeint
in axial direction which may influences
diffusion between bubble and dense phases
directly and velocity gradient effect on
mass transfer would be greater than that in
lateral mixing. The convective contribution
of mass transfer due to velocity gradient
was found to be less than 3 9% of the diffu-
sion in the bed of 250 x and less than 60 %
in the bed of 500 x glass beads.® Effect of
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Fig. 10. Effect of Inert Particles on Bed Pressure
Drop at Various Superficial Gas Velocity

particle size on axial mixing was more pro-
nounced than that of lateral gas mixing
(Fig. 9). In contrast to lateral gas mixing,
axial gas mixing decreased with the addition
of inert particles. This may be due to the
small velocity gradient between bubble and
dense phases with small bubble size. There-
fore, convective mass transfer is reduced
considerably with gas velocity in comparison
with that of without inert particles. Since
bubble rising velocity is proportional to ds'/?
bubble size would be closely related to vel-
ocity gradient and convective mass transfer.
Moreover, breakage of bubble makes more
uniform bubble concentration lateral and
radial directions which may reduce bubble
concentration in axial coordinate.

For axial gas mixing experiments, gas flow
rate range was 2-5 times of V.r for each
particle size which was considerably lower
than that in lateral gas mixing condition.
In this lower gas velocity range, effect of

particle size on axial gas mixing was not
significant since bubble size would be com-
paratively smaller at lower gas velocities
(Fig. 9).

Pressure drop in the bed increased gradu-
ally with the addition of inert particles at
the given gas velocities.

Typical pressure drop profiles can be seen
in Fig. 10 with the weight variation of
inert particles. The addition of bigger but
lighter particles into the bed produced solid
partial mixing around Va.r codition.

As can be seen in the figure that Var
increased exponentially with increasing
weight percent of inert particles in the bed
of smaller particles. The addition of inert
particles in the bed reduced axial gas mixing
and it improved lateral gas mixing. These
may be due to the longer residence time of
gas phase in the bed with inert particles.

8. Gas Mixing Correlation

The lateral and axial gas mixing data in
the annular fluidized bed were cerrelated in
terms of gas velocity and particle size since
these variables are the main cause of gas
mixing in fluidized beds. The linear relation-
ship has been found between logarithmic
values of axial dispersion coefficient and gas
velocity.® Similar trend was also observed
in the present study.

The Arrhenius type equation has been
suggested by Baerns et al.'¥ for gas mixing
coefficient.

Dy or Dy = A exp( — B/Vy) 8>
in which A and B are the empirical cons-
tants and activation energy of particle move
ment, respectively,

Since A and B are influenced by particle
size which may be written as

Dy or D:=A dy exp(— B d,2/Ve)

HWAHAK KONGHAK Vol. 19, No. 4, August 1981
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“Within the present experimental conditions,
&as mixing coefficients can be expressed as:
For lateral gas mixing
Dy = 93 d,°¥ exp( — 602d,°%'/Ve) (10)
Standard error of estimate : (.11
For axial gas mixing
D:=1.3X 10° ds**° exp(— 8.93 X 10%
2%/ V) an
:‘Standard error of estimate : (.13

Conclusions

1. The addition of inert particles in the
bed of small particle size enhanced late-
ral gas mixing and it reduced axial gas
mixing.

2. Axial and lateral gas mixing coefficients
increased exponentially with gas velo-
city.

3. Gas mixing coefficients were well re-
presented in terms of gas flow rate and
particle size in an annular fluidized bed.

Nomenclature

A : empirical constant

B : empirical constant

«C : constant

.C4 : tracer concentration, g-mole/cm3

Cai : initial tracer concentration, g-mole/cm?

Cap : tracer concentration after completely
mixed, g-mole/cm3

D; : inner bed diameter, cm

D, : outer bed diameter, cm

dp . bubble diameter, cm

dy : particle diameter, cm

D, : lateral gas mixing coefficient, cm?/sec

D : axial gas mixing coefficient, cm?/sec

L : length of fluidized bed, cm

N : constant

21 : empirical constant

astas ®I19E M43 1981 8l
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#, : empirical constant

AP : pressure drop in the bed, atm.

4P,,., : ultimate pressure drop at infinite gas

velocity, atm.

Pe : Peclet number based on particle diame-
ter, Ve d,/D;

¢ : time, sec

V. . gas superficial velocity, cm/sec

Var : minimum fluidization velocity, cm/sec

Z : axial direction coordinate

g : lateral direction coordinate

o : second moment of tracer response curve
about the mean
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