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Abstract

In the production of polyethylene under high pressure, vielding so called “low-density polyethylene,”

control of the long-chain branching reaction is of paramount importance to product quality. This is



250 3 - Ta-Jo Liu

because the long—chain branching level influences the rheclogical properties and processability of the

polyethylene produced. The high pressure polyethylene tubular reactor is characterized by its large
length-to-diameter ratio which ranges from 250:1 to as high as 1200:1. Since a significant portion of
the production cost of polyethylene in a high-pressure tubular reactor is attributed to the power
consumption needed to compress the ethylene, an increase in conversion should help reduce the
production cost considerably. It has been suggested in the literature that the use of multiple injections
of initiator and/or monomer can increase the conversion of ethylene considerably. We have recently
investigated the performance (the conversion and product quality) of a high-pressure polyethylene
tubular reactor with multiple injections of initiator and monomer. As part of the investigation,
temperature profiles, monomer and initiator conversion, and the number-and weight-average molecular

weights were calculated along the length of the reacior. In this paper, we shall present some of the

highlights of the study.

1. Introduction

The high pressure polyethylene tubular reactor
is characterized by its large length-to-diameter
ratio which ranges from 250:1 to as high as
12000:1. Heat is transferred from or to the
reactor by the fluid circulating through the
jacket that surrounds it. High jacket temperat-

ures are used in the initial portion of the reactor

to heat the cold feed to the initiation temperature,

Lower jacket temperatures are used in the latter
portion of the reactor in order to remove the
heat of reaction generated by polymerization.
It should be mentioned that poor control of
reactor temperature can cause a polymer buildup
on the reactor wall which, if not removed, can
affect reactor performance significantly through
a marked reduction in the heat transfer coeffi-
cient. As has been indicated in recent studies
by Schoenemann and Thies"?, Agrawal and
Han®, and Chen et al.,* the polymerization of
ethvlene is a very rapid reaction, and therefore
the reactor temperature rises very rapidly along
the length of the reactor. Among many cther

param:sters, the rate of increase in reactor

temperaiure deperds on the type and the amount
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of initiator.

Control of the polyethylene reactor, as in all
polymerization reactors, has to be such that not
only is the polymer production rate constant,
but also the polymer properties (such as density,
molecular weight and its distribution) are repro-
ducible.

In the production of polyethylene under high
pressure, yielding so called “low-density polyet-
hylene,” control of the long-chain branching
reaction is of paramount importance to preduct
quality. This is because the long-chain bran-
ching level influences the rheological properties
and processability of the polyethylene produced.
In the past, a number of researchers have
reported relationships between the level of long~
chain branching and the rheological properties
of polymers, and between the molecular weight
distribution and the rheological properties. For
details of these relationships, the reader may
consult the recent monograph by Han®,

In their recent study of a high-pressure poly-
ethylene tubular reactor, Agrawal and Han®
have reported that: (1) Axial mixing affects
both reactor performance and product quality
(i.e., the molecular weight and its distribution),

(2) The chain transfer reactions broaden the
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(3) The jacket
feed temperature,

molecular weight distribution,
fluid (coolant) temperature,
and the overall heat transfer coefficient, all have
a profound effect on reactor performance (i.e.,
concentration and temperature profiles), and
(4) The amount of initiator injected affects
reactor performance significantly.

Since a significant portion -of the production
cost of polyethylene in a high-pressure tubular
reactor is attributed to the power consumption
needed to compress the ethylene, an increase
in conversion should help reduce the producti-
on cost considerably. It has been suggested by
Albright®, Agrawal and Han® and Chen et
al.®  that of multiple

of initiator and/or monomer can increase the

the use injections
conversion of ethylene considerably. There is,
however, no quantitative study reported about
it in the published literature.

We have recently extended the study of Agra-

wal and Han® to investigate the performance

(the conversion and product quality) of a high-
pressure polyethylene tubular reactor with
multiple injections of initiator and monomer.
As part of the investigation, temperature pro-
files, monomer and initiator conversion, and the
number-and-weight average molecular weights
were calculated along the length of the reactor.
In this paper, we shall present some of the

highlights of the study.

2. System Equations For The
High-Pressure Polyethylene
Tubular Reactor

The steady-state mass and energy balance of
the high-pressure polyethylene tubular reactor
may be written as (3):

i) Mass balance for initiator:

~ d2C dcC E
DL — o 2 - €y (k) sexp( ) =0

0

A

i) Mass balance for monomer:

s d’Cuy dCy
Dy dx? dz
1 (Bp)2 (ki) —Ep \11
{ o exl’( RT“‘)J %
1
C*Cy=90 2
11i) Energy balance:

s d°T dT
KL d.Z'z —pCp'l/' ar +(‘—‘AHP)

ARSI (;E»L)}%cﬁ

® RT
+ (— 4Hy) (ko) €1 exp — 52
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The boundary conditions are:
1) At the tube entrance(xr=0):

v((C1>o _CI)]I=0=_ﬁI flf:l szo “

v((CM)u_CM”Iw: —Dy dgf ]z=0 )

__p. dT |
0 Ky dz lz=o (6

ovCy (TO—T)]

ii) At the tube exit(z=L):

O] g doy] o dTi

dz tz=L dz e=L" 77 dx =L
@

The solutions of Equations (1) to (3) will
yield the profiles of initiator, monomer and
temperature along the length of reactor.

The polymer product consists of a mixture of
similar species each having different molecular
weights, It is customary tore present the molecu-
lar weight of a polymer in terms of the number—-
and-weight average molecular weight.

If the #** moment of a polymer’s molecular

weight distribution is defined by the equation
Qn: rg:z r"CMr (8)

in which Cy, is the concentration of the dead
polymer of chain-length r, the number-and

weight-average molecular weights are given by
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M,= 0o 9
and

o 280,

A[w——Ql—— (10)

respectively, in which 28 is the molecular weight
of ethylene.

Now, the mass balance equation for dead
polymer M,(r=2, o)can be expressed by

~  d%Cy, dCu,
D.Ma-w‘;"* - v—'zg“ + Ry, =0 1)
together with the boundary conditions,

v < (Crrr)o— CM')H::O

A dCuy, |
= ~Dar ], (12)
dcﬂ r —
—iidr.’l?a—:'z=ll_0 (13)
If Equations (11) to (13) are multiplied by »*

and summed from r=2 to r=co, one has

2 d2 7n d n <
Da -~ Bt SRy =0 0)

together with the boundary condition,

. . !
(rz;nr" Catr O—Q") e=0 D‘m%iz:o (15)
dQ, |~ (16)

dx lz=L

The solution of Equation (14) will yield the
desired moments Q, for #2=0,1 and 2. The
computation of the average molecular weights,
I, and A7, is now possible using Equations
(9) and (10).

For the notations used in Equations (1) to
(16), the reader may consult the paper of Ag-
rawal and Han¥.

In the derivation of Equations (1) to (3), we
have assumed a constant pressure in the reactor.
However, it is reported in the literature ® that
the pressure drop in a typical commercial reac-
tor may range from 100 to 350 atm. Note that
the polymerization rate is strongly dependent on

pressure”. The large pressure drop in the
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polyethylene tubular reactor comes primarily
from the formation of very viscous polyethyl-
ene, whose viscosity increases as the conversion
of ethylene (and consequenty the molecular
weight of polyethylene) are increased down-
stream of the feed location. The pressure profiles:
along the length of the reactor, when availa-
ble, can easily be incorporated, with little
effort, into the system equations. Unfortunately,

however, no information is available on this:
point in the published literature.

3. Results and Discussion

System Equations (1) to (3), with boundary
conditions (4) to (7), were first transformed into-
integral equations, and were then analyzed in
the square-integrable function space to derive:
both a uniqueness criterion and algorithms for
numerical computations. In the present study,
we used the computer program developed by
Agrawal and Han®

Fig. 1 shows a schematic of the three reactor
systems investigated: (a) a reference reactor (a
single injection of initiatior and monomer),
5.08cm in diameter (D) and 610m in length
(L); (b) a reactor with multiple injections of
initiator; (c¢) a reactor with multiple injections.
of initiator and monomer (i e., ethylene feed).
It should be pointed out that, when monomer
is fed at more than one location along the
length of the reactor (see, for instance, Fig.
1c), one has to increase the reactor diameter
after each addition of monomer in order to
have the same linear velocity along the entire
length of the reactor.

Throughout the study, we have considered
an ethylene throughput of 68, 040kg/hr and a
reactor pressure of 2,500 atm. The numerical
values of other system parameters used are given
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Fig. 1. Schematic of the tubular reactor systems
investigated; (a) A reference reactor with a
single injection of initiator and monomer;
(b) A reactor with multiple injections of
initiator; (¢) A reactor with muitiple
injections of initiator and monomer.

in Tabdle 1.

In each reactor system considered (see Fig1),
the reactor length is divided into two parts:
the first half (305m) is the preheating zone
which is assumed to be at 163°C, and the
other half (305m) is the cooling zone which is
assumed to be at 50°C. In all cases investigated,
the temperature of the monomer and initiator
is assumed to be at 80°C at the reactor inlet.
When multiple injections of initiator and/or
monomer are used, the feed at a point other
than the reactor inlet is assumed to be heated
to the reactor temperature at that point.

Fig. 2 shows temperature profiles, and monomer
and initiator conversions, along the length of the
reactor for a single injection(i. e., the reference
case) and for multiple injections of initiator. The
initiator concentrarion used at each injection point
is given in Table 2. Table 2 also gives monomer
and initiator conversions, average molecular
weight and its distribution for a single injection
and multiple injections of initiator. It is seen that

injections of the initiator at three different

locations along the length of the reactor cam
give rise to an increase in the conversion of
monomer and initiator. Note however that, as.
the initiator concentration is increased, the peak.
temperature moves toward the reactor exit.
This indicates that there is insufficient cooling
in the reactor before additional initiator is.
injected downstream. One way of avoiding too
high a peak temperature at the exit of the
reactor is to use a longer reactor. This will be:
discussed below.

Of course, one could increase monomer con-
version further by increasing the initiator con-
centration more. However, the use of too high
an initiator concentration at one injection point
can raise the reactor temperature higher than
the maximum temperature allowed. Too high a.
reactor temperature will cause decomposition of
ethylene, giving rise to carbon deposits on the:
wall. This can cause fouling of the inner tube
surface by high molecular weight polymer, and
also, possibly, an explosion. Therefore one
should not increase the initiator concentration
solely for increasing the conversion.

Fig. 3 shows temperature profiles, and mon-
omer and initiator conversion, for multiple
injections of initiator along a reactor whose
length is 1830m, 3 times the length of the
reference reactor (610m). In this reactor system,
initiator was injected at three equally spaced
points. The first injection was at the reactor
inlet, the second at 610m from the reactor
inlet, and the third at 1220m from the reactor
inlet. In effect, three tubuar reactors, each
610m long, are connected in series. In each
section (610m long) of the reactor system, the
first half (305m) is the preheating zone whose
temperature is kept at 163°C, and the other
half is the cooling zone whose temperature is
kept at 50°C. Table 3.

concentraticn at cifferent Iccations aleng the

gives the initiator

HWAHAK KONGHAK Vol. 15, Ne. 4, August 1977



254 &4l . Ta-Jo Liu
Table 1. Summary of the values of physical constants used in computations of polymerization reactors
Physical properties of ethylene:

Heat capacity, C,: 0.85 cal/g°C Density of fiuid,, p: 0.72g/cc

Engineering constants:

Overall heat transfer coefficient, U: 98.25 cal/hr. cm2 °C
Peclet number, Pe: 100 (for both heat and mass transfer)

Reaction rate constants:

Initiator rate constant, (%z)o: 8.2X1011(1/sec)
Rate constant of propagation, (%,)g: 1.25X108 (1/sec)
Rate constant of chein transfer reaction to dead polymer, (%,.,,)¢ 0.46

Table 2. Effect of multiple injections of initintor on average molecular weight and conversion

-

Run No. | .- . _ Initiator Monomer _ -
identifica; Initiator Conce?tratmn (gm-moles/cc) | .o conversion | 37,X1074 i/,
tion | ! 2 \ 3 %) (%)
1@ 1. 150 1076 0.0 0.0 45.0 10.10 0.68 1.73
2 . 1.080x107® 0.192X107¢ 0.096x1076 39.9 10. 06 0. 64 1.85
3 [ 1. 0961076 0.192x1076 0. 0961076 47.3 11.51 0.59 1.66
4 | 1.110X1076 0.192%x10°8 0.096>107¢ 68.1 15.12 0.50 1.73
i i
(2) A single injection of initiator to be used for comparison purposes.
183 : e0 (1) Single injections of initiator and monomer; (2),
S Seccior Temperzture (3), and (4) Multiple injections of initiator at
170 b —-— tmtigter Conversion e different initiator concentrations. See Table 2. for
! ===~ Monomer Conversion the initiator concentration used.
160 -
reactor, and monomer and initiator conversions,
150 average molecular weight and its distribution.
5 Note that the initiator concentration used in this
s 130 - case(see Table 3) is quite low compared to that
=] & “
B = in the reference reactor (see Table 2), and yet
[ c
g 130 2 the levels of monomer and initiator conversion
< -
= : are quite comparable in the two cases. In car-
3 o . . . .
= 20 © rying out the computation reported in this paper,
g we used the computed values of temperature,
(0 | and monomer and initiator concentrations at
the outlet of one injection for the inlet conditi-
190 ons of the subsequent injection. In other words,
! possible mixing effects at the respective injection
90? e yzvd?é) points were neglected. This can be improved
/ .»““ R by applying the boundary conditions, Equations
80 L o] e e .
0 61 122 244 306 488 6I0 (4) to (7), at each injection points.
Distance (m) It is of particular interest to note in- Fig. 3
Fig. 2. Profile of reactor tempercture, initiator and that there are three peaks in the reactor
monomer concentrations in a tubuler reacter: temperature. It can be said from Fig. 3 that

25138 H153 H4E 1977 83
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fig. 3. Profile of reactor temperature,
in a long

initiator and
monome rconcentrations twbular
reactor (1830m) with multiple injections of

See 7Table 3. for the

concentration used.

initiator. tnitiator

when the initiator is first injected at the

reactor the
is initiated and rapidly accelerates to a high
It

then gradually slows down, and, when all the

inlet, polymerization reaction

rate (hence reaching a peak temperature).

initiator is consumed, the reactor temperature
falls with the aid of external cooling. At this
introduced and

point, additional initiator is

the reaction continues for another stage. In
this manner the total desired conversion is spread
over three stages, and high conversion of initiator
and monomer is consequently achieved.

Fig. 4. gives temperature profiles, and mono-

mer and initiator conversions along  the

length of the reactor when the feed (i e.,
monomer) stream is split and injected at three
length of the

different locations along the

reactor (see Fig. lc for the reactor dimensions),

¢
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The initiator concentration and the mass flow
rate of monomer at each injection point are
given in Table 4. Note that the inner diameters
of the reactor at different sections, as given in
Fig. 1c, are determined on the basis of the
assumptions, that the density of the fluid is
uniform throughout the reactor and that the
mass flow rate is proportional to the cross secti-
onal area of the tubular reactor.

Table 4. gives monomer and initiator conve-
rsions, molecular weight and its distribution for
multiple injections of initiator and monomer.
Note that the initiator concentration in Table 4,
is based on the individual feed (i. e., monomer)
stream at the respective injection points, whereas
and 3

are based on the total feed stream. In the case

the initiator concentrations in Tables 2.

of multiple injections of monomer, the feed
rate at the reactor inlet (Fy) is one half of the
total, and those at the second (Fy) and third
(F3) injection points are each one fourth of the
total (see the footnote of Table 4). Thus, the
initiator concentration on the basis of the total
feed rate is (Run No. 4 of T'able 4, for instance)
(5.77X1077X1/2) + (5. 77 X107'X1/4) + (5.77
K1077%1/4) =5.77X10"7 (gm-moles/cc). On
the other hand, the initiator concentration for
Run No. 4 of T'able 2. is {1.110x107540. 192
% 107540. 096X 107%) =1. 398 X107 (gm-moles/
cc). Tt is seen that, using much less initiator
than is needed for multiple injections of initiator
of monomer and

alone, multiple injections

initiator along the length of the reactor give
rise to high conversions of both monomer and
initiator without impairing product quality. Co-
mpavison of Table 4 with Table 2.

further that the poyethylene produced with

indicates

multiple injections of both initiator and monomer
has a higher average molecular weight than
that produced with cither a single injection or

multiple injections of initiator alone. In the

HWAHAK KONGHAK Vol. 15, No. 4, August 1977
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Fig. 4. Profiles of reactor temperature, initiator and

monomer concentrations in a tubular reactor for

multiple injections of monomer and initiator.
See Table 4 for the feed rate of monomer and

initiator concentration used.

Table 3. Multiple injections of initiator in a long reactor (1830)m

computational results given in Tabled, we

have used a single value of axial diffusion
coeflicient (D; and Dyy) throughout the entire
reactor.

One of the most important characteristics of
the high pressure polymerization of ethylene is
the long-chain branching reaction. It is well kn--
own today that chain transfer from free radicals
to dead polymer chains gives rise to long-chain
branching, affecting the molecular weight and
its distribution. Table 5. shows predicted values
of molecular weight and its distribution, for
different values of the long-chain branching rate
constant, when multiple injections of initiator
are employed (see Fig. 1b for the reactor sys-
tem studied). It should be pointed out that,
since accurate numerical values of the long-
chain branching rate constants are not available
in the published literature, we have assigned
values so that the computed values of average
molecular weight are typical of low-density
polyethylenes commercially available. Note in
Table 5.

dnes not affect the conversion or monomer, but

that the long-chain transfer reaction

changes the molecular weight and its distrib-
ution. This predicted trend is in good agreement
with the experimental observations given in
Table 6. of some commercial low-density poly
ethylenes.

g | Omegrin oot | B T T
: 2 | fs R A e
2. 881077 ] 0.61X 1077 ’ 2. 241077 , 73.8 ' 13. 44 ] 0.82 | 1.81
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Tabled4. Effect of multiple injections of monomer® and initiator on average

molecular weight and conversion

5‘; ty_o' Init}ator Conce}ltration (gm —mnlles/ cc) i 2;::}2‘;:0“ Bf} K’ngﬁfﬂ M, X104 MM,
fication ! 2 3 (%) (%)
1 4.33Xx1077 4.33%x1077 4.33x1077 56.7 7.5 0.98 1.75
2 5.05X1077 5.05x1077 5.05X1077 61.7 8.7 0.87 1.74
3 5.48X1077 5.48Xx1077 5. 48X 1077 72.0 10.5 0.79 1.75
4 5.77X1077 5.77X1077 5. 77X 1077 99. 2 15.7 0.72 1.85

(2) Throughput of monomer at three injection points (sce Fig. 1c for the locations of injection) are :
Fi=3.4%10" kg/hr; Fa=1.7x10" kg/hr; Fy=1.7x10* kg/hr.

Table 5. Effect of varing long-chain branching rate(®
on average molecular weight and its distrib-
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